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Abstract
Commercial ebullated bed reactors (EBRs) are three-phase fluidized bed systems used
for hydroprocessing (upgrading) of bitumen, a major Canadian resource. The objective
of this thesis is to improve the understanding of the hydrodynamics of the EBRs through
a combination of experimental investigation and CFD modeling. The experiments were
conducted in a transparent cold-flow pilot scale reactor (inner diameter of 15.2 cm and
total height of 2.2 m) and were focused on the most important parameter in the design
and operation of fluidized bed systems, i.e., the overall (average) gas hold-up. The pilot
scale setup was operated in both two-phase (gas-liquid) and three-phase (gas-liquid-solid)
modes in order to investigate the fluid dynamics in the bed and the freeboard regions
present in EBRs.
In two-phase flow mode, experiments were performed with and without internal gas/liquid
separators (recycle cups connected to a recycle line). The recycle cups were fabricated on
the basis of designs proposed in the patent literature using a desktop 3-D printer. Different
concentrations of ethanol were added to distilled water in order to reproduce the conditions
of high gas hold-up and foaming frequently observed in commercial EBRs. The two-phase
systems were also simulated with the Euler-Euler model using a finite volume method in
the OpenFOAM toolbox. The average bubble size is a key input to this model and must
be representative of the physical system. Provided this condition is met, the Euler-Euler
model can predict the average gas hold-up under conditions of homogeneous (dispersed)
two-phase flow to within 10% of the experimental values, regardless of the mode of oper-
ation (co-current vs. bubble column). Predictions of the gas hold-up under conditions of
co-current heterogeneous two-phase flow are, however, less accurate (22% average error)
- a result likely linked to limitations of the available empirical swarm correction models.
Experiments in the systems with recycle cups showed that the performance of the cups
in gas/liquid separation deteriorated in foaming systems. Also increasing the inlet liquid
flow rate and/or recycle liquid flow increased the amount of entrained gas in the recycle
stream. Simulation of these experiments highlighted the strengths and limitations of the
Euler-Euler model.
As far as three-phase systems are concerned, a meta-analysis of a large body of pub-
lished data produced a set of empirical correlations for predicting the overall gas hold-up
data for systems operating with water and spherical particles. Experiments conducted to
investigate the effect of particle wettability on the gas hold-up in a three-phase fluidized
bed demonstrated the limitations of such an empirical approach. For the system operat-
ing with hydrophilic particles, gas hold-up values of up to 15% were predicted with less
than 25% error by the most accurate correlations. For the system of hydrophobic par-
ticles, however, the correlations failed in prediction of gas hold-up and the average error
v
was more than 56%. Experiments demonstrated that rendering the particles hydrophobic
decreased the gas hold-up by more than 20%. This was found to be the result of larger
bubble size distribution in the bed of hydrophobic particles. In these systems, adhesion of
bubbles to particles formed bubble-particle agglomerates with less apparent density than
bare particles. Such gas-padded particles have less ability to penetrate and break-up the
bubbles. Consequently, the average bubble size was larger in the bed of hydrophobic par-
ticles and also in the freeboard region above the bed. According to the semi-empirical
models on foam height dynamics, steady state foam thickness is inversely proportional to
the bubble diameter. Therefore, foam thickness is expected to be smaller for the system
of hydrophobic particles. The foam thickness measurements in this study were consistent
with the findings of the semi-empirical models.
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Upgrading is the term given to a process which converts bitumen, heavy oil or vacuum
residue to an improved quality synthetic crude oil [68]. The upgrading process can improve
the quality of crude oil via viscosity reduction, density reduction, contaminant (particularly
sulfur and nitrogen) removal or all of the above. Bitumen is upgraded by either hydrogen
addition (hydroprocessing) and/or carbon rejection (fluid bed coking) technologies. Com-
pared to coking, hydroprocessing offers higher liquid yields, better distillate qualities and
lower emission levels of sulfur dioxide. The main feedstock for any upgrader is a low-quality
heavy oil, whereas the product is a lighter crude oil with higher value. The produced crude
oil is then sent to refineries for further processing into a wide range of higher-value liquid
products, such as lubricants and petrochemicals [68].
Co-current fluidized or ebullated beds of catalyst-impregnated porous pellets are used
for hydroprocessing of heavy oils and bitumen. Two licensed process are available for
ebullated bed technology: LC-Fining and H-Oil [200]. The difference between these two
technologies is mainly in the location of the recycle pump (see Fig. 1.1). The ebullated
bed reactors (EBRs) are three-phase fluidized bed reactors in which the hydrogen gas and
liquid feed are introduced into a plenum chamber below the distributor grid, mixed with
a recycled liquid stream and transported upward through an expanded bed of catalysts
[134]. Hydrocarbon vapors and excess hydrogen exit from the top of the reactor. Part of
the liquid is also withdrawn as liquid product. The catalyst used for this process is usually
porous alumina pellets with Ni/Mo or Co/Mo as the active metals [127]. A recycle line
connected to a recycle cup, helps to recycle the stream of liquid which is pumped through
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Figure 1.1: H-Oil and LC-Fining ebullated bed reactors (EBRs) [10]
a distributor at the bottom of the EBR. The operating temperature and pressure in the
EBR are about 420-450 ◦C and 10-15 MPa, respectively. The level of expanded bed is
monitored using gamma-ray density detectors. The EBR technology has been effective in
processing of heavy oil and bitumen and the following advantages have been reported in
the literature in connection with its utilization:
• Flexibility in addition and removal of catalyst particles which permits long term
operation without system shutdown,
• Great heat transfer rates and minimal temperature gradients in the reactor, mainly
due to the recycled liquid stream which provides vigorous mixing in the reactor,
• Absence of bed plugging which enables the hydroconversion of feeds with solid par-
ticles.
In the hydroprocessing of bitumen using EBRs, the presence of a minimum quantity of
gas phase is necessary to perform the catalytic reactions. However, high gas hold-up values
(more than 25%) have been observed in the industrial scale EBRs [54, 134]. The excess
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hydrogen and vapor products decrease the effective volume and bitumen residence time in
the reactor. Additionally, the presence of gas phase in the recycle stream decreases the
efficiency of the recycle pump and disturbs the ebullated bed stability [34]. Entrainment
of gas in the recycle line is a major contributor to high gas hold-up values in the EBR,
limiting the conversion of bitumen. Foam formation in the EBRs further aggravates gas
entrainment in the recycle line [201, 134].
Clearly, development of techniques to reduce the circulating gas are of great interest.
Previous studies on gas hold-up reduction led to addition of an internal gas/liquid sep-
arator, called recycle cup, in the freeboard region of the reactor. Implementation of the
recycle cup is an effort to improve the gas/liquid disengagement in the freeboard region,
such that a smaller amount of gas is entrained in the recycle line [108]. Determination of
an optimum recycle cup design has been a concern in the last 50 years and several cup
designs have been developed and patented [74, 130, 69, 38, 32, 181, 201, 34, 31, 45, 28, 61].
These studies have been focused on geometric modification of the recycle cups to improve
their efficiency. A few of recycle cup designs are shown in Fig. 1.2. In addition to design
and implementation of the recycle cups, suppression of foam in the freeboard region of
the EBRs could also decrease the amount of entrained gas in the recycle line. Given the
low surface tension of the liquid phase and the likely presence of surface-active substances
(such as naphthenic acid [68]), foaming is inherent to hydroprocessing reactors [201, 72].
Small solid particles present in the liquid may also act as strong foam stabilizers if they
adsorb at the gas/liquid interface. The use of chemical foam control agents is not practical
in the case of EBRs, since these agents are cracked under the severe operating conditions
in the hydroprocessing units. A few studies have attempted to provide foam suppression
methods, mainly by adjusting the surface properties of particles in simple bubble columns
reactors [72, 128].
The design of an EBR is a challenging task that is presently accomplished mainly
on the basis of empirical correlations which provide estimates for critical hydrodynamic
parameters, such as the overall gas hold-up [53]. These correlations, have been difficult to
generalize and their reliability for predicting the behavior of industrial units is questionable
[134, 195]. Neglect of the role of important hydrodynamic properties, such as gas density, is
a potential cause of the failure of the empirical correlations. A great number of published
studies reported attempts to predict the hydrodynamic behavior of EBRs over a wide
range of operating conditions using a single unified correlation [53, 188]. Considering the
complexity of bubble-particle interactions, it is not surprising that these attempts have
been met with limited success as significant differences remain between predictions and
experimental measurements.
Due to the high cost and practical difficulties with conducting experiments in EBRs at
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Figure 1.2: Examples of patented recycle cup designs
real operational conditions (high pressure and temperature), computational fluid dynamics
(CFD) is rapidly drawing interest as a fast and an efficient tool to study the complex
hydrodynamics within EBRs. The use of CFD to complement and enhance experimental
studies could result in significant advances, but requires careful verification and validation.
Rigorous validation requires close cooperation between modelers and the experimentalists
and should be done across a wide range of operational parameters [67]. Rigorous validation
of CFD studies in the case of co-current multiphase flows in the presence of internals such as
recycle cups, are rare. In the majority of cases, CFD studies are validated only qualitatively
and only against very limited experimental data.
1.2 Motivation
During the last few decades, the rate of world consumption of petroleum products has
surpassed the rate of discovery of accessible high quality petroleum resources. As a result,
the less desirable heavy oil and bitumen resources have attracted a lot of attention from
oil and gas producers around the world. Although the cost of process and production of
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such materials is high comparing to the desirable petroleum materials, these resources are
abundant. Therefore, they have become significant as a secure future source of energy [68].
Canada has one of the largest bitumen reserves in the world, recently estimated at
173 billion barrels based on available commercial technology [68]. Canadian oil sands are
found in three locations: the Athabasca, Peace River and Cold Lake areas in Alberta and
Saskatchewan. Total oil sands production in Canada is reported as 2.3 million barrels
per day. Currently, two methods are applied for recovery of bitumen, depending on the
depth of the deposit. Mining techniques are used for the near-surface deposits, while the
deeper deposits are recovered using in-situ techniques such as primary production, cyclic
steam stimulation and steam assisted gravity drainage [1]. The recovered bitumen is highly
viscous and requires upgrading to synthetic crude oil for conventional oil refining.
Currently, all bitumen recovered in Alberta is upgraded to synthetic crude oil in Shell,
Suncore and Syncrude upgraders. These upgraders produce a wide range of synthetic
products. The Shell upgrader, for example, produces intermediate refinery feedstock for
the Shell Scotford refinery along with sweet and heavy crude oil [1]. Upgrading units can
be located either close to the oil production or beside refineries. These common pathways
are shown in Fig. 1.3. The efficient operation of the EBRs, which is crucial in terms
of both economical and environmental aspects of the upgrading process, requires deep
understanding of the system hydrodynamics. While it is agreed that the performance of
the recycle cup plays a key role in efficient operation of the EBRs [31], very few studies
have attempted to compare, let alone predict, the efficacy of these cups for gas/liquid
disengagement under similar operating conditions. Progress in this direction has been
further limited by the scarcity of pilot scale EBRs replicating the gas/liquid disengagement
system of industrial scale units.
This study aims to fill existing knowledge gaps in the design and operation of recy-
cle cups by constructing an experimental cold-flow pilot scale EBR with the flexibility
to accommodate different cup designs. This enables comparisons of the performance of
these designs with both foaming and non-foaming liquids, and improved understanding of
the interaction between the hydrodynamics in the three-phase (particle bed) section and
the recycle cup. At a more fundamental level, a systematic experimental investigation
is enabled of the role of surface forces on bubble-bubble and bubble-particle interactions
underpinning EBR hydrodynamics and foam formation. The acquisition of new experi-
mental data prompts a quantitative re-evaluation of both empirical correlations and CFD
simulation as means to predict the gas hold-up in EBR.
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Figure 1.3: Common locations of upgraders [68]
1.3 Background
1.3.1 Gas-Liquid-Solid Fluidized Beds
As mentioned previously, EBRs are gas-liquid-solid fluidized beds employed for hydropro-
cessing of bitumen. Various aspects of three-phase fluidized beds have been studied exten-
sively and key findings have been collected in several books and reviews [146, 51, 141, 53].
At this point, a distinction must be made between slurry bubble columns and three-phase
fluidized beds. In a slurry bubble column, the size of solid particles is typically less than
100 µm and their volume fraction is less than 10%. In these systems, gas flows through a
liquid containing suspended particles, while the liquid superficial velocity is kept low com-
pared to gas. Considering the small particle size, fluidization occurs mainly due to bubble
agitation. In the three-phase fluidized bed systems, however, particles are typically larger
than 1 mm and their volume fraction is greater than 20% [141]. It is important to note
that in slurry bubble columns, particles are usually carried in and out by the liquid stream.
On the contrary, in fluidized beds addition or withdrawal of the particles is independent
of the liquid stream. A three-phase fluidized bed consists of three main sections: the
gas/liquid distributor (plenum chamber), the bulk fluidized bed and the freeboard region.
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The plenum chamber is the area below the distributor grid where the gas and liquid enter
and mix together. The bulk fluidized bed is the main part of the reactor where catalytic
reactions take place and the freeboard region is the solid-free (gas-liquid) area above the
fluidized section. Important hydrodynamic parameters for the design and development of
three-phase fluidized bed reactors are flow regime transition, gas hold-up and minimum
fluidization velocity [56].
Flow regime and morphology (bubble shape and size distribution) in the three-phase
fluidized beds have been the topic of several studies. Muroyama and Fan [141] identified
three flow regimes that can occur inside a three-phase fluidized bed consisting of air,water,
and spherical particles; bubbling flow, slug flow and transitional flow. The bubbling flow
is divided into two subcategories named dispersed bubble flow and coalesced bubble flow
(see Fig. 1.4). Zhang et al. [229], also described seven distinct flow regimes observed in
an air-water-glass beads system. A schematic of these flow regimes is shown in Fig. 1.5.
The identified flow regimes are as follows [174]:
• Dispersed bubble flow: In this regime almost no bubble coalescence occurs. This
causes small and uniform bubble sizes. Typically this regime predominates at high
liquid velocities and low gas velocities.
• Discrete bubble flow: This regime is similar to the dispersed regime in term of size
and uniformity of bubbles. However, the bubble frequency is lower.
• Coalesced bubble flow: Typically occurs at low liquid velocities and intermediate gas
velocities. Bubbles tend to coalesce and show a wide size distribution.
• Slug flow: In small columns (diameters of less than 15 cm), large bubbles with lengths
close to the column diameter, form at high gas and low or moderate liquid velocities.
In industrial columns with large diameters slugging may not occur [135, 190].
• Churn flow: This regime is very similar to the slug flow, however, churn flow is
much more chaotic. The regime is characterized by increase in downward liquid flow
near the reactor wall. Both bubble size and bubble rise velocity demonstrate wide
distribution.
• Bridging flow: In this regime liquid and solids form bridges across the reactors which
continuously broken and re-formed.
• Annular flow: This regimes occurs at extreme gas velocities and it is characterized
by a continuous gas phase at the core of the column surrounded by a liquid region
at the wall.
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Comparing the above mentioned classifications, it may be inferred that Zhang’s dispersed
bubble flow, discrete bubble flow and coalesced bubble flow may be also grouped as bub-
bling regime under Fan’s classification. Churn, bridging and annular flow regimes can be
considered as transitional regime in Fig. 1.4.
Knowledge of flow regime transition is essential for the design and operation of industrial
reactors, as the flow regime can affect the reactors’ performance significantly. Although
several flow regimes have been identified in three-phase fluidized beds, the main interest lies
in detecting the transition between the dispersed bubble flow (homogeneous flow regime)
and the coalesced bubble flow (heterogeneous flow regime)[56, 58]. The term transition
velocity describes the gas superficial velocity which, at a constant liquid velocity, marks
the transition from homogeneous flow to heterogeneous flow. The transition velocity is
known to depend on the physical properties of gas and liquid phases, solid characteristics,
gas distributor design and the geometry of bed [135].
The particle size has a particularly significant effect on flow regime transition and
morphology. Ostergaard [146] performed flow regime studies using glass particles with
diameters of 1 mm and 6 mm and found that relatively small particles (≤ 1 mm) were as-
sociated with large coalesced bubbles, whereas larger particles (> 2.5 mm) were associated
with small uniform bubbles. Darton [42] reported intense bubble coalescence in systems
with glass bead particles < 2.5 mm. It was observed in three-phase fluidized beds of small
particles that large bubbles moved as a homogeneous fluid of high viscosity, while small
bubbles within beds of large particles moved through the bed as in a pure liquid containing
obstacles (the solid particles) around which they traveled. Zhang et al. [229] also observed
a significant decrease in the region of the coalesced flow regime in beds with 4.5 mm glass
bead particles compared to beds with 1.5 mm particles.
Studies on flow regime transition have been based mainly on visual observations. Al-
though the flow pattern can be observed visually, determination of the transition point
without quantitative measurements is troublesome [229]. Given the complex nature of the
multiphase systems, more recent studies have focused on measurement of the time evo-
lution of hydrodynamic variables either to identify a flow transition or to diagnose the
underlying flow regime [99, 229, 27, 58].
1.3.2 Gas-Liquid Two-Phase Flows
The freeboard region above the reaction zone in the EBRs is a co-current gas-liquid flow
system. Therefore, understanding the hydrodynamics of gas-liquid flows is relevant to the
study of EBRs. Gas-liquid flows occur in several industrial applications including wastew-
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Figure 3. The Flow Regime Diagram for the Cocurrent Gas-Liquid-Solid Fluidized Bed. 
countercurrently to the liquid forming discrete bubbles in the bed. 
As shown in Figure 4, four distinct flow regimes-fixed bed with 
dispersed bubble regime, bubbling fluidized bed regime, transition 
regime, and slugging fluidized bed regime-can be distinguished 
for Mode II-a fluidization (Fan et al., 1982a,b). 
In the Mode II-b operation (TCA operation), an irrigated bed 
of low-density particles is fluidized by the upward flow of gas as 
a continuous phase. When the bed is in a fully fluidized state, the 
vigorous movement of wetted particles gives rise to excellent gas- 
liquid contacting. The gas and liquid flow rates in the TCA are 
much higher than those possible in conventional countercurrent 
packed beds, since the bed can easily expand to reduce the hy- 
drodynamic resistances. Flow regimes in a TCA for a specific 
packing are given in Figure 4. 
The state of gas-liquid-solid fluidization is strongly dependent 
on the geometry of the bed, methods of gas-liquid injection, and 
the presence of a retaining grid or internals. This is exemplified 
by the operation of a tapered fluidized bed, spouted bed, semi- 
fluidized bed, and draft tube spouted bed. The tapered fluidized 
bed uses a tapered column which diverges at a small angle in the 
upward direction (Scott et al., 1975, 1976 Holladay et al., 1978a,b). 
The upper part of the bed is at or near the state of incipient fluid- 
ization and behaves similarly to the packed bed part of the semi- 
fluidized bed. The hydrodynamic characteristics were experi- 
mentally studied by Pitt et al. (1978). In a spouted bed, gas and 
liquid are introduced into the bed through a gas-liquid injector 
located at the bottom of the bed. The solid particles in the core area 
are carried by the fountain and separated from the liquid at the 
surface of the fountain. The solid particles then move downward 
in the annular area. Like the Mode I-a operation, four different 
flow regimes can also be observed in three-phase spouted bed op- 
eration. 
The semifluidized bed is formed when a mass of fluidized par- 
ticles is compressed against a porous restraining grid resulting in 
the creation of a fluidized bed and a fixed bed in series within a 
single vessel. The flow regimes which occur in the countercurrent 
three-phase semifluidized bed operation resemble those for the 
Mode II-a operation of three-phase fluidization. 
HYDRODYNAMICS OF GAS-LIQUID-SOLID FLUIDIZATION 
Cocurrent Gas-Llquid-Solid Fluidization 
Pressure Drop and Phase Holdup. A schematic diagram of the 
cocurrent three-phase fluidized bed reactor or the Mode I-a 
fluidized bed reactor is shown in Figure 5. The reactor consists of 
three main sections: the gas-liquid distributor section, the three- 
phase fluidized bed section, and the disengagement section. The 
disengagement section serves to settle the particles erupted into 
the dilute phase by the bubble. In the fluidized bed section, the solid 





The following relationship holds among individual holdups: 
Eg + €1 + es = 1 (2) 
Under the steady-state condition, the total axial pressure gra- 
dient (static pressure gradient) at any cross section in the column 
AlChE Journal (Vol. 31, No. 1) January, 1985 Page 5 
Figure 1.4: Flow regime diagram for the co-current gas-liquid-solid fluidized bed [141]
Figure 1.5: Schematic diagram of flow regimes [229]
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Figure 1.6: Common flow regimes in gas-liquid flows [189]
systems, gas-liquid flows are the most complex as they combine a deformable interface with
the compressibility of the gas phase [76]. Due to the wide range of industrial applications,
the hydrodynamics of gas-liquid flows have been studied extensively [94, 188, 20]. The bed
of solid particles in EBRs acts as the distributor, where the gas and liquid phases mix to-
gether before entering the freeboard. Similar to the three-phase fluidized beds, two-phase
gas-liquid flow also depends strongly on the prevailing two-fluid interfacial structure or
flow regime. For co-current gas-liquid flow in a vertical column, three main flow regimes
have been distinguished; dispersed or homogeneous, churn-turbulent or heterogeneous and
slug flow regime (see Fig. 1.6).
The homogeneous flow is characterized by small bubble sizes and relatively uniform
bubble size distribution over the cross section of the column. This flow regime generally
occurs at low to moderate gas velocities or at very high liquid velocities [229, 120] and
is associated with limited bubble interaction. The heterogeneous regime, which occurs
at moderate to high gas velocities, is associated with unsteady flow patterns and broad
bubble size distribution caused by recurrent bubble coalescence and break-up. Finally, at
very high gas velocities and in small column diameters, slug flow regime prevails in the
system [189, 94]. Understanding of flow regimes is of great importance in the design and
scale-up of multiphase systems. The hydrodynamics of the homogeneous and heterogeneous
flow regimes are completely different, giving rise to very different mixing, heat and mass
transfer rates [190].
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Figure 1.7: Gas hold-up in the freeboard region of commercial EBRs with recycle cup [134]
1.3.3 Previous fluid dynamics studies in EBRs
The majority of research studies concerned with EBRs have been conducted in air-water-
glass beads systems under ambient conditions. These systems are considerably different
from industrial hydroprocessors, which involve multicomponent liquids, non-spherical par-
ticles and higher gas densities. Measurements of gas hold-up and fluid physical properties
in industrial hydroprocessors have shown that the EBRs operate with high gas hold-ups
(more than 25%) and under dispersed flow regime [54, 134, 152]. The gas hold-up in the
freeboard region is also reported to be over 50% (see Fig. 1.7). Simulating this hydrody-
namic performance in systems with water as the liquid phase under ambient condition is
difficult since generally such simple systems operate at lower gas hold-up values [53]. Sev-
eral research studies have therefore tried to simulate high gas hold-up conditions in pilot
scale systems using similar phase physical properties and operating conditions (elevated
pressure and temperature) or by adjusting the bubble coalescence behavior by addition of
solutes such as alcohols and surfactants [40, 152].
Application of liquids with surface tensions lower than water (σg,l values of 0.025 to
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0.03 N/m as opposed to 0.072 N/m), such as kerosene and gas oil, resulted in higher bed
expansion and gas hold-up due to increased foaming [173]. Tarmy et al. [204] and Luo et
al. [122] used n-pentane (σg,l ≈ 0.016 N/m) and Paratherm NF heat transfer liquid (σg,l ≈
0.025 N/m) in pilot scale slurry bubble column reactors operating at high pressures (up
to 17 MPa) and temperatures (up to 450 ◦C). They reported gas hold-ups as high as 50%
and observed smaller bubble size and reduced bubble velocity at high pressures. Luo et
al. [121] also studied the effect of elevated pressures (up to 15.6 MPa) on gas hold-up in
a three-phase fluidized bed. They reported average bubble size reduction and narrower
bubble size distribution at pressures up to 6 MPa which caused an increase in the gas
transition velocity from dispersed to coalesced flow regime and increased gas hold-up. The
effect of pressure was not significant above 6 MPa. Similar results were observed by Ruiz
et al. [166, 165] while using diesel fuel and nitrogen to fluidize glass beads of 1.7 mm in
a pilot scale EBR. Although pressures up to 15 MPa were employed, the increase in gas
hold-up values was observed mainly at pressures up to 7.5 MPa. It should be mentioned
that due to the low values of gas and liquid superficial velocities, high gas hold-up values
were not observed.
Introducing surfactants is an alternative to the use of low surface tension liquids for
achieving high gas hold-up behavior in the cold flow EBRs. However, their application
increases the complexity of the multiphase system. Surfactants consist of a hydrophobic
long tail and a hydrophilic head and tend to accumulate at the gas-liquid interface, thereby
reducing the surface tension [184]. Addition of surfactants can affect the bubble dynamics
in three ways. First, reduction of the surface tension facilitates the formation of small
bubbles. Second, surfactants reduce the rate of coalescence of rising gas bubbles thereby
preventing their growth [184]. Finally, as a result of the formation of surface tension
gradients around the bubble surface, the drag force acting on the gas bubbles increases.
The higher drag force reduces the bubble rise velocity, thereby increasing the gas hold-up
[40, 189].
Both aqueous alcohol solutions and commercial surfactants have been used to provide
gas hold-up higher than possible with water. Fan et al. [54] investigated the addition of
0.5 and 1 wt% n-butanol and t-pentanol to water in an annular fluidized bed at atmo-
spheric pressure. Increased gas hold-ups were observed by comparison to distilled water
systems due to bubble coalescence inhibition. Using t-pentanol solutions they were able to
reproduce the data of Tarmy et al. [204] in a system of 1 mm glass beads. The effect of
surfactant concentration has been reported as insignificant. Addition of t-pentanol to wa-
ter in a cold flow EBR of 0.89 mm cylindrical aluminum particles also reproduced Tarmy’s
results [198]. Gorowara and Fan [66] studied the characteristics of solutions of 16 alcohol
and commercial surfactants in water and categorized the liquids based on their surface
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tension behavior and bubble rise velocity reduction into three groups of low, middle and
high gas hold-up liquids. They also provide a correlation to predict gas hold-up for each
group. According to their classification, gas hold-up in three-phase fluidized beds can be
predicted without the knowledge of the type and the concentration of surfactants. Dargar
and Macchi [41] examined this approach by measuring phase hold-ups in the systems of
six surfactant solutions categorized according to the criteria proposed by Gorowara and
Fan. They observed that gas hold-up was mainly affected by the system operating con-
ditions rather than by the nature and surface tension of the surfactants. However, the
type of surface active agent was found to affect the stability of the foam layer formed in
the freeboard region of the EBR. In a recent study, Pjontek and Macchi [151] compared
the hydrodynamics of three-phase fluidized beds in systems of water and 0.5wt% ethanol
with particles of different shape. They observed similar gas hold-up values while using
spherical glass beads and aluminum cylinders with equivalent volume/surface area ratios
in the dispersed flow regime. Some discrepancies were observed in the presence of large
coalescing bubbles. Although in almost all of the above mentioned studies foaming in the
reactor was observed, no published study has hitherto examined experimentally the effects
of foam generation and stability on gas-liquid disengagement and the performance of the
recycle cup.
1.3.4 Foaming in EBRs
As mentioned in section 1.1, gas entrainment in the recycle cup increases the gas hold-up
in the hydroprocessing unit and decreases bitumen conversion. Gas entrainment is also
a cause of instability of industrial hydroprocessors. If the amount of gas in the recycle
conduit becomes too high, a true liquid phase would not be available at the ebullating
pump inlet. In severe cases, serious liquid flow fluctuations have been observed through
the pump. These flow fluctuations are manifestation of foaming [201].
A foam is a dispersion of gas bubbles in a liquid. In non-foaming systems when two
bubbles approach each other, the liquid film between them drains and ruptures rapidly, so
the bubbles coalesce. When the system is operating with a foaming liquid (e.g. kerosene)
or when a foaming agent (e.g. alcohol or surfactant) is present, the lifetime of the liquid
film between the bubbles increases and bubble coalescence is slowed down or inhibited. The
bubbles form clusters instead. The stability of a foam is mostly determined by the drainage
and rupture of the thin films and it is determined by several factors including both bulk
solution (e.g. viscosity) and interfacial properties [184]. In low viscosity fluids like aqueous
alcohol solutions, foam coarsening caused by bubble coalescence and Ostwald ripening
limits the stability of foam [12]. Bubble coalescence occurs when the liquid film separating
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Figure 1.8: Photograph of a stable foam of an aqueous 5% SDS solution [177]
two bubbles becomes sufficiently thin and ruptures, causing the bubbles to merge. Ostwald
ripening or inter-bubble gas diffusion, on the other hand, takes place when large bubbles
consume adjacent smaller bubbles via solute diffusion driven by differences in pressure in
the two bubbles [199]. Large bubbles are more buoyant, thus separated by thinner liquid
films and more prone to coalescence. Ostwald ripening is more significant the greater the
solubility and diffusion coefficient of the gas in the liquid phase [220]. The combination
of bubble coalescence and Ostwald ripening causes foam coarsening (see Fig. 1.8). In
high viscosity fluids, the rate of film drainage is slowed down, significantly limiting foam
coarsening [150]. The process of foam generation, initially involves the accumulation at the
macroscopic gas-liquid interface of bubbles surrounded by relatively thick liquid films. The
foam grows at its largest rate as no bubbles burst at the top. As the foam height increases
and liquid drainage takes place, adjacent bubbles are more likely to coalesce when the film
separating them becomes sufficiently thin. This phenomenon is significant at the top of
the foam where the oldest bubbles are present and the foam is relatively “dry”. The foam
reaches a steady-state height when the inlet flow of gas at the bottom of the foam equals
the amount of gas released by bubbles bursting at the top [12]. Several theoretical and
semi-empirical models exist in the literature to predict the steady state foam height by
considering the foam growth and collapse kinetics. A list of these models can be found in
the review of Wang et al. [215].
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The foam produced in systems with low surface tension liquids like kerosene or aqueous
alcohol solutions are generally not stable and disappears quickly after the gas injection is
paused. The presence of surfactants is required for foam stability. Surfactants adsorb at
the gas-liquid interface, such that their hydrophobic tail protrudes into the vapor phase
leaving the hydrophilic head in contact with water. Such an arrangement reduces the
surface tension and modifies the rheology of the interface [177]. For example, addition
of a typical surfactant such as sodium dodecyl sulfate (SDS) up to a so-called critical
micellar concentration (CMC), reduces the surface tension of water from 0.072 to 0.033
N/m. Above the CMC, the interface is saturated and the surface tension is independent of
the concentration. One consequence of the reduced surface tension is that less mechanical
energy is required to create great interfacial area, that is small bubbles. Additionally,
bubble coalescence is resisted. Drainage of the liquid film between the bubbles occurs
mainly due to gravity. If a surfactant-stabilized liquid film separating two bubbles goes
through a sudden expansion due to the liquid drainage, the expanded section of the film will
have a higher surface tension as the number of surfactant molecules per unit area decreases.
This local surface tension gradient, induces liquid flow in the direction of higher surface
tension (see Fig. 1.9). This phenomenon is called Marangoni flow and opposes film thinning
due to gravity, preventing the neighboring bubbles from coalescing [184]. The Marangoni
effect improves the elasticity of foam films, enabling them to resist deformations without
rupturing.
The presence of fine solid particles in EBRs, which may be present in the feed or gen-
erated by catalyst attrition, may also lead to foam stabilization if these particles adsorb at
the gas-liquid interface. Catalyst attrition is described as production of fines due to col-
lisions among catalyst particles and the impact between catalyst particle and the reactor
wall [127]. Attrition can vary from particle abrasion (production of fines from removal of
asperities of particle surface) to complete fragmentation (breakage of mother particle into
similarly size fragments). Unstable bed expansion and foam formation in the hydroprocess-
ing reactors due to catalyst attrition has been reported in a few studies [93, 92]. Addition
of finely divided solid particles has been reported as one of the most practical ways to
improve foam stability [80, 95]. Adsorption of fine particles at the gas/liquid interface
improves the film elasticity required for bubble coalescence prevention. Experiments on
foam films stabilized by solid particles showed that the particles can bridge gas bubbles
in close contact by formation of strong three phase contact lines pinned on the particle
surface and inhibiting bubble coalescence [95].
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Figure 1.9: Induced liquid flow due to surface tension gradient (Marangoni effect) [184]
1.3.5 Design considerations in scale-down of pilot scale EBRs
Although significant effort has been focused on the hydrodynamics of EBRs, scaling-up
the results from laboratory and pilot scale units to industrial scale ones remains an unmet
challenge. The deviation among measurements in the experimental systems in the litera-
ture and those from industrial units are mainly due to significant differences in operating
conditions, phase physical properties and column geometries [152]. To address these issues,
scale-down approaches have been introduced by researchers. These approaches are based
on the principles of dimensional similitude and the Buckingham Pi theorem [218].
Safoniuk et al. [175] proposed a scale-down approach based on matching a series of five
dimensionless groups (Mol, Eo,Rep, βp and ur, see Table 1.1) between separate systems.
They validated their approach by comparing the average gas hold-up in two reactors of
0.0826 m and 0.91 m diameter with different gas, liquid and solid phases. In their method,
gas density was only considered in the gas phase buoyancy term. Also the scaled particle
diameter (dr) was neglected due its minor effect in the cases where the column diameter
is much larger than the particle diameter. Later, Macchi et al. [124] examined Safoniuk’s
approach to capture the coalescing behavior and concluded that the five dimensionless
groups were not enough to characterize the hydrodynamics of three-phase fluidized beds.
An attempt was also made by McKnight et al. [134] to examine this method by matching
the five dimensionless groups between the larger cold-flow reactors used by Safoniuk and an
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industrial scale LC-Finer. The gas hold-up value in the cold-flow reactor was half of those
in the industrial column. This significant discrepancy could be due to following potential
factors:
• Missing physical properties (or dimensionless groups) that are important on the bed
hydrodynamics,
• Absence of the internal gas recycle in the cold-flow reactor,
• Inaccurate measurements of gas hold-up in either the cold-flow unit or the industrial
unit
Recently, Pjontek et al. [152] found the first factor above as the main reason in the
failure of dimensional similitude method. Therefore, by considering physical properties
which were neglected in the work of Safoniuk (gas phase density and interfacial properties),
they recommend Rel, Ar, βg, βp and ur (see Table 1.1) as the dimensionless groups which
should be matched between separate systems. In addition to the mentioned dimensionless
groups, an equivalent bubble coalescence behavior is required for dynamic similarity. This
implies that the systems with coalescing behavior (e.g. distilled water) can not be compared
with the ones exhibiting coalescence inhibition (e.g. systems with surfactant).
Table 1.1: Dimensionless groups used in previous literature for scale-down of EBRs
Name Symbol Expression





Eotvos number Eo (g∆ρD2c )/σg,l
Solid-liquid density ratio βp ρp/ρl
Gas-liquid velocity ratio ur ug/ul
Particle Reynolds number Rep (ρldpul)/µl
Liquid-phase Reynolds number Rel (ρlDcul)/µl
Gas-liquid density ratio βg ρg/ρl
Archimedes number Ar (d3pρl(ρs − ρl)g)/µ2l
Scaled particle diameter dr dp/Dc
One of the factors pointed out above was the absence of internal recycle line in the
cold-flow reactors. Besides the recycle line, and in order to make geometric similitude
between the cold-flow reactors and industrial units, other important issues such as gas-
liquid disengagement at the outlet of the EBRs, gas-liquid distribution into the bed section
and wall effects due to the column diameter should also be considered [152].
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As discussed before, a recycle cup connected to internal recycle line is used in the
hydroprocessors to separate gas and liquid phases in the freeboard region. Liquid recycle
stream which contains gas is returned to the bed section. This implies the interaction
between the freeboard region (which contains the recycle cup) and the bed section in
hydroprocessors. In the absence of recycle cup and the internal recycle line, this interaction
does not exist. Almost all of the studies regarding the hydrodynamics of three-phase
fluidized beds in the literature employed pilot scale systems which miss the cup and internal
recycle line sections. Generally, in these systems disengagement occurs in an expended
overflow section. It is argued that the impact of the gas entrainment in the recycle line
may be simply accommodated by increasing the gas flow rate. Although gas entrainment
in the recycle line is known to increase gas hold-up in the EBR, almost nothing is known
about the reverse. That is to say, little is known about the effect of EBR hydrodynamics
on gas-liquid disengagement in the recycle cup.
Industrial hydroprocessor are large-diameter columns and the wall effect on average
gas hold-up is negligible. This not so in pilot scale systems. For bubble column reactors,
Wilkinson et al. [219] stated that the gas hold-up is independent of the column dimension if
the column diameter is larger than 15 cm and the column to height ratio is greater than five.
Shah et al. [188] recommended column diameters of larger than 10-15 cm. Similar results
were also reported by other researchers for both foaming and non-foaming bubble columns
[94]. In three-phase fluidized bed systems, Fan [53] reported that in columns of larger
than 15 cm slugging would not occur even at high gas flow rates. Considering presence
of internal recycle line in the EBR, it has been also reported that the cross-sectional area
of the recycle line should be between 1% to 10% of the column cross-sectional area of the
reactor [38].
The role of gas-liquid distribution system should also be considered in scaling down
the EBRs. In commercial LC-Finer reactors, the liquid feed and gas are introduced to
the plenum chamber via a horse-shoe distributor and mixed with the recycled liquid be-
fore passing through the distributor grid plate [134]. Therefore, both fluids experience
significant shearing which may cause bubble break up. The grid plate is used to properly
distribute the flow through the bed section and typically contain several bubble caps [127].
In the pilot scale systems, the gas phase is generally introduced through a sparger and
mixed with liquid phase before entering the distributed grid plate. The gas sparger and
distributor plate in cold-flow systems should also be designed in a way to effect shearing be-
tween the gas and liquid phases. Design procedures for both sparger and distributor plates
have been discussed in the literature especially for bubble column reactors [174, 104].
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1.4 Thesis Scope and Structure
This dissertation ultimately seeks to tackle the following important challenges regarding
the hydrodynamics of EBRs:
1 - Experimentally validate Eulerian models via the prediction of hydrodynamic behavior
of a scaled down cold-flow EBR
2 - Assess the possibility of testing the performance of various recycle cups in gas/liquid
separation in a scaled down cold-flow EBR
3 - Develop improved empirical correlations for the prediction of gas hold-up in EBRs
4 - Investigate the effect of solid surface properties on the fluidization and foam formation
in the EBRs
To achieve these goals, a pilot scale cold-flow EBR was designed and constructed. The
hydrodynamics of both the two-phase (freeboard) and three-phase (particle bed) regions
inside the cold-flow EBR were investigated. A comprehensive set experiments were con-
ducted over a wide range of operational parameters (gas and liquid velocities, gas/liquid
surface tension, solid surface properties) mainly to determine a key parameter is the design
and operation of multiphase flow systems, i.e., the overall gas hold-up. The modular de-
sign of the pilot scale EBR in this study allowed the implementation of various recycle cup
designs. Therefore, performance and efficiency of two patented cup designs in gas/liquid
separation were examined and compared under similar operating conditions. In the two-
phase flow (with and without the internal gas/liquid separator), the data collection was
combined with CFD simulations performed using the OpenFOAM toolbox. These studies
provided insight into the accuracy of two-fluid Eulerian models in predicting the hydro-
dynamic behavior of multiphase flow systems. An extensive classification of experimental
data of gas hold-up data from the literature was also undertaken. This permitted the de-
velopment of a set of empirical correlations which are able to predict the overall gas hold-up
with higher accuracy than presently possible. Lastly, the effect of particle wettability on
fluidization behavior of the EBRs, as well as on foam formation in the freeboard region
was also studied and the results interpreted using available models.
This dissertation comprises 6 chapters organized as follows:
• Chapter 2 examines the accuracy of prediction of the overall gas hold-up for gas-liquid
flows inside a simple vertical column using the two-fluid Eulerian model. Gas hold-
ups were measured in two operation modes, namely bubble column (no liquid flow)
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and the less-frequently studied co-current flow, and for both homogeneous and het-
erogeneous flow regimes. Bubble diameter, a key input to the Eulerian models, was
measured by image analysis (where possible) or estimated using empirical correla-
tions. The effect of addition of turbulence models as well as swarm correction factors
on the ability of Eulerian models to predict the gas hold-up was also investigated.
• Chapter 3 examines the efficiency of two patented recycle cup designs (obtained
through 3-D printing technology) in separation of gas and liquid phases in foam-
ing and non-foaming two phase flow systems. Gas hold-up in the recycle line was
measured using electrical conductivity probes. Also, following up on the findings of
chapter 2, we explored the ability of two-fluid Eulerian models in prediction of the
overall gas hold-up in the two-phase flow system and inside the recycle line.
• Chapter 4 presents a meta-analysis approach to develop statistically significant and
accurate correlations for the prediction of the overall gas hold-up in systems involving
spherical particles and water as the liquid phase. Experimental data published in
numerous studies over the last 40 years were collected, classified and correlated for
the first time.
• Chapter 5 reports on the role of particle wettability on the hydrodynamics of EBRs.
The experiments were conducted inside the beds of hydrophilic and hydrophobic
particles of the same size and the gas hold-up data in the bed and in the freeboard
region were compared and discussed. The thickness of foam layer formed on the top
of the freeboard region at various operating conditions were also measured and the
results were compared with predictions of two semi-empirical models.
• Chapter 6 summarizes the main contributions of this PhD dissertation and provides
recommendations for future work.
It should be noted that chapters 2 to 5 are presented in manuscript format. Con-
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2.1 Synopsis
We quantify the ability of the two-fluid Euler-Euler model to predict the overall gas hold-
up during two-phase flow in vertical columns using a combination of experiments and
simulations. Gas hold-up in a bubble column and gas hold-up in the less-frequently studied
co-current flow, are investigated. For homogeneous flow characterized by nearly uniform
bubble size, Euler-Euler model predictions are within 10% of the experimental values for
both modes of operation, provided that the bubble diameter supplied as input to the
model is the average bubble diameter in the physical system. This also holds true for
heterogeneous flow in bubble columns despite the presence of a broad distribution of bubble
sizes, provided that turbulence and bubble swarm effects on momentum exchange between
phases are properly accounted for. Swarm corrections adequate for bubble columns, are
less successful for co-current heterogeneous flow, for which gas hold-up predictions are least
accurate (average error of 22%).
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2.2 Introduction
Gas-liquid flow is encountered very frequently in industrial-scale reaction and separation
systems associated with wastewater treatment, coal liquefaction, cooling, and food pro-
cessing, to name a few [225]. The performance of these systems depends strongly on the
prevailing two-fluid interfacial structure or flow regime. For vertical two-phase flow, three
distinct flow regimes have been described: dispersed or bubbly flow (homogeneous regime),
churn-turbulent flow (heterogeneous regime) and slug flow. Bubbly flow is characterized
by small bubble sizes and relatively uniform bubble distribution over the cross section of
the column. The heterogeneous regime, on the other hand, is associated with unsteady
flow patterns and broad bubble size distribution caused by recurrent bubble coalescence
and breakup [94]. Slug flow, described by large bubbles with lengths close to the column
diameter, has been observed only in small diameter columns (less than 15 cm) at high
gas flow rates [190]. Whatever the flow regime, the most fundamental parameter in the
design and scale-up of gas-liquid flow systems is the average volume fraction of gas phase
or overall gas hold-up [179]. Knowledge of the gas hold-up enables the determination of
the gas residence time in the gas-liquid mixture and, in combination with knowledge of the
average bubble diameter or bubble size distribution, it informs the gas-liquid interfacial
area associated with inter-phase mass and heat transfer. The gas hold-up is a key indicator
of the flow structure inside the column, the turbulent characteristics of the phases and the
energy dissipation rates [106, 147, 59].
The overall gas hold-up in flowing gas-liquid systems is measurable experimentally and
may be estimated from empirical correlations [227, 229, 156, 18]. The latter have been
the focus of a large number of studies seeking to summarize experimental observations of
gas hold-up in terms of measurable operating parameters (e.g. gas and liquid superficial
velocities, liquid physical properties, etc.) and geometric characteristics of the studied
system (e.g. column diameter). A list of these correlations can be found in the reviews of
Shah et al. [188] and Gandhi et al. [59]. To date, no single correlation has succeeded in
representing all experimental data. An additional limitation of empirical correlations is that
they have been mainly developed using data from cold-flow systems and for specific ranges
of operational parameters and working fluids, not always found in industrial applications.
For these reasons, they generally fail to predict gas hold-up in high pressure/temperature
systems or in systems different from those used to develop the empirical correlations [188,
195, 140].
Considering the above mentioned challenges, simulation methods – specifically, com-
putational fluid dynamics (CFD) [214, 83] – have been used to study two-phase flow sys-
tems for the purpose of determining the gas hold-up, as well as other flow characteristics
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[85, 97, 91, 84]. A key aspect of the CFD approaches to modeling multiphase flows is
model selection. In this respect, the Eulerian two-fluid (Euler-Euler) model offers signif-
icant advantages for dispersed gas-liquid flow systems [33, 172]. The Euler-Euler model
treats the phases as inter-dispersed continua and is stated in terms of momentum con-
servation equations derived for each phase through either spatial or time averaging [83].
Phase fractions indicate the amount of each phase that is present at a particular location
and time. The momentum conservation equations of the phases are coupled together via
closure models for inter-phase momentum transfer terms, which contain the bubble size
(assumed uniform) as a key input parameter. Closure models generally consider the drag
force, lift force, virtual mass force and turbulence [112, 155], and must be chosen judiciously
[162, 202]. Simulation at industrially-relevant scales is possible at a reasonable computa-
tional cost with Euler-Euler models, but is prohibitively costly with models for which the
computational cost scales with the number of bubbles/interfaces [197, 64, 123]. Thus, the
potential exists for validation of Euler-Euler models against experimental data from large
systems [62]. Validation is defined here as “the process of determining the degree to which
a model is an accurate representation of the real world from the perspective of the intended
uses of the model” [67]. This means that if the primary objective of CFD simulation with
an Euler-Euler model is to predict the overall gas hold-up, then validation must be carried
out against experimental measurements of this quantity.
In recent years, a number of computational studies have assessed different inter-phase
closure relations by means of qualitative comparison of model predictions of local gas hold-
up and velocity profile against limited experimental data [196, 35, 126, 73, 216, 223, 114,
24, 21, 170, 148]. While the aforementioned studies have provided significant insight into
the sensitivity of Euler-Euler model results to closure relations, they have not provided a
definitive test of the ability of this model to predict the overall gas hold-up. Rather, as
recently noted [170], tuning of empirical parameters in order to match selected experimental
data has most frequently been the case. Despite its fundamental significance for process
design [122], the overall gas hold-up has not received particular attention in these studies,
which have instead focused on qualitative comparisons with local parameters such as the
radial gas hold-up and axial liquid velocity. A notable exception is the recent work of
Gemello et al. [62]. These authors compared predictions of overall gas hold up by an Euler-
Euler model against experimental data from bubble column reactors of different diameter
over a wide range of operating conditions relevant to industrial application, emphasizing
high gas hold-up in the heterogeneous flow regime. Gemello et al. [62] concluded that
a modification to the swarm factor proposed by Simonnet et al. [193], is necessary for
accurate predictions of gas hold-up. Their work supports the use of Euler-Euler model
with uniform bubble size under conditions of heterogeneous flow, but has been limited to
bubble columns in which the net liquid velocity is zero.
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Extending the work of Gemello et al. [62], the present paper seeks to delimit the
predictive capabilities of the Euler-Euler two-fluid model, especially concerning the overall
gas hold-up. Using a pilot scale air-water flow reactor we acquire new experimental data
on the overall gas hold-up and the average bubble size over a wide range of operational
conditions. We then simulate the system using the multiphaseEulerFoam solver of the
open-source CFD toolbox OpenFOAM and directly confront simulation with experiment.
The paper is structured as follows: First, the experimental setup and the measurement
techniques used are described in Section 2.3. Then, the Euler-Euler model, the momentum
exchange closure relation and the specific simulation conditions are detailed in Section
2.4. The experimental measurements are compared to simulation results and discussed in
Section 2.5, and conclusions are summarized in Section 2.6.
2.3 Experimental Setup and Procedure
2.3.1 Experimental Setup
The gas-liquid flow system used in this study is depicted in Fig. 2.1. It consists of two
sections: the gas-liquid distributor (plenum chamber) and the test section. The column
is a 15.2 cm inner diameter (ID) clear PVC pipe, 1.7 m in total height. The use of clear
PVC allows observation of the interior of the pipe. The plenum chamber section, of the
same diameter as the column, is 20 cm in height. A perforated plate containing 3 mm
circular holes is sandwiched between the test section and the plenum chamber. The plate
is designed to evenly distribute gas and liquid within the column.
Air and distilled water were used as the working fluids. In some cases, a 0.5wt.%
aqueous solution of ethanol was used instead of distilled water. According to the literature,
the addition of such small amount of ethanol to water decreases the surface tension while
leaving other physical properties unchanged [41, 65]. Air was introduced to the system
through two gas spargers with openings of 100 µm installed symmetrically in the plenum
chamber. The liquid was pumped from a plastic tank using a centrifugal pump (Goulds
pump, model 2ST1E4F4) to the bottom of the plenum chamber at specified flow rates.
The gas and liquid flow rates were measured by two rotameters (Blue-White, models F-
43040LNS and F-55376-GP, respectively). The range of operating parameters was selected
such that either dispersed or churn-turbulent flow prevailed inside the column. Prevalence
of one or the other regime depends mainly on the superficial velocities of the gas and liquid
phases, as well as on the column diameter. If the liquid velocity is higher than 0.4 m/s,

















Figure 2.1: Schematics of the experimental set-up
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the other hand, for liquid velocities less than 0.1 m/s, dispersed flow takes place for gas
superficial velocities less than 0.04 m/s [52, 185, 43, 229, 82]. At higher gas flow rates
the system switches to the churn-turbulent regime. To cover both flow regimes, three gas
superficial velocities in the range 0.01 to 0.03 m/s and six gas superficial velocities in the
range 0.05 to 0.19 m/s were selected for data collection. To investigate the effect of liquid
flow rate, experiments were conducted in bubble column mode (without liquid injection),
and in co-current flow mode with liquid injected at superficial velocity of 0.06 m/s.
2.3.2 Overall Gas Hold-up Measurement
The overall gas hold-up in the column was measured using a differential pressure transducer
(Rosemount, model 3051CD2A22A1AM5C6Q4) connected to a data acquisition system.
Six pressure ports were installed along the column height. The ports were located in 25 cm
intervals, beginning at 10 cm above the distributor plate. Assuming negligible frictional
drag, the dynamic pressure drop between any two arbitrary pressure ports can be related






where ∆P is the pressure difference, ∆z is the elevation difference between the two pressure
ports and ρl and ρg are the density of the liquid and gas phases, respectively. As there are
only gas and liquid phases in the system, we have:
εg + εl = 1 (2.2)
Using above equation, the liquid hold-up can also be calculated.
2.3.3 Bubble Size Measurement
Quantification of momentum exchange between the gas and liquid phases in the context
of an Euler-Euler model is impossible without specification of a bubble diameter. This is
considered essential for accurate prediction of the hydrodynamics of multiphase flows [154].
Both intrusive (e.g. optical probes) and non-intrusive (e.g. image analysis) techniques
have been employed to measure the bubble size inside the multiphase systems [5, 107,
156, 221, 71, 110, 17, 159]. When applicable, non-intrusive methods are preferred as
they do not disturb the flow inside the system. Compared to optical probes, imaging
approaches have the additional advantages of lower cost and ease of implementation. Aloufi
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[6] investigated the difference between bubble diameter measurements made from images
and by optical probes, concluding that the imaging technique is reliable in the case of
dispersed flow regime. Hibiki et al. [77] and Besgani et al. [17] also compared bubble
diameter measurements in gas-liquid flow systems made by the two methods and observed
less than 7% discrepancy between the measured mean bubble diameter values.
An image analysis approach similar to the procedure described in the studies of Bouaifi
et al. [25] and Besgani and Inzoli [18] was adopted here. A Cannon EOS 550D (f/4;
1/1000 s; ISO 3200) digital camera focused at the center of the column was used to take
images in the developed region of the two-phase flow (1.2 m above the distributor plate).
A light source was placed behind the test section to remove light reflections. Images of
size 5184x3456 pixels at a resolution of 21 pixel/mm were taken. A ruler attached to the
column was used for calibration purposes. To minimize optical errors, only those bubbles
situated in the central region of the column (at the same focal distance as the ruler) were
selected for measurement.
For each pair of gas and liquid velocity investigated, about 100 bubbles were measured
using two photographs. Each bubble was approximated as an ellipse by manually selecting
six points on the bubble edge. Afterwards, the major axis (2a) and the minor axis (2b) of
the ellipse were measured (see Fig. 2.2), from which the bubble equivalent diameter, db,





Lage and Esposito [107] also approximated bubbles with ellipses and reported about 6%
error in the axis measurement of an ellipse using photographs. Considering the optical error
and the inaccuracy of the ellipsoidal bubble hypothesis, they estimated 10 to 15% error in
equivalent bubble diameter measurement using this procedure, relative to measurements
by an optical probe. A sample of bubble diameter measurements using image analysis in
this study is shown in Appendix B.
At higher gas velocities (see Fig. 2.3b), the presence of vortices, the short residence
time of larger bubbles, and the high rate of bubble coalescence and break-up, render the
image analysis method quite inaccurate [6]. For this reason, the bubble size in the churn-
turbulent regime was instead estimated from empirical correlations developed by Yu and
Kim [227]. The correlations are based on extensive bubble chord length measurements
using a U-shaped optical fiber probe in an air-water flow system (0.25 m diameter) for gas
and liquid superficial velocities within the range used in this study. According to Yu and
Kim [227], the local mean bubble chord length lv(r) can be estimated as,
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Figure 2.2: Axes of an ellipsoidal bubble.




where lvc and lvw are the time-smoothed bubble chord lengths at the center (r = 0) and
wall (r = R). The values of lvc and lvw are correlated as follows,
lvc = 0.023 u
0.32
sg (1− 24.82 u2.36sl ), (2.5)
lvw = 6.85× 10−3 u0.11sg (2.6)
Given the superficial velocities of the working fluids, the mean bubble chord length can








Finally, the mean bubble chord length is related to the mean bubble size as [227]




Figure 2.3: Observed flow regimes in the gas-liquid flow, 1.2 m above the distributor plate;




The two-fluid or Euler-Euler model [83] does not resolve individual bubbles, treating in-
stead the phases as inter-penetrating continua where the volume of one phase can not be
occupied by the other and the presence of each phase is described by a phase volume frac-
tion. Defining the phase velocity and time by uq and t, respectively, the phase averaged
mass and momentum conservation equations are given as follows,
∂(αqρq)
∂t
+∇.(αqρquq) = 0, in V, (2.9a)
∂(αqρquq)
∂t
+∇.(αqρququq) =∇.(αqτq + αqRq) + (αqρqg) +Mq, in V, (2.9b)
where V is the volume of the computational domain, the subscript q = g, l denotes
the phase, αq is the phase volume fraction and ρq the phase density. In the momentum
conservation equation (Eq.2.9b), τq is the phase laminar stress tensor which is defined, for
Newtonian fluids, by
τq = −ρqνq(∇uq +∇Tuq) +
2
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ρqνq∇.(uq)I, q = g, l, (2.10)
The other terms on the right hand side of Eq.2.9b are Rq, which is the phase Reynolds
(turbulent) stress tensor that will be discussed later in section 2.4.2, g = −gez which is
the gravitational acceleration, and Mq which is the inter-phase momentum transfer term.
The term Mq can be decomposed into different terms depending on their origin as follows
[50, 217],
Mq = Fdrag + Flift + Fvm, q = g, l, (2.11)
where Fdrag, Flift and Fvm represent the drag, lift and virtual mass contributions to the
momentum transfer term, respectively.
The drag force contribution in Eq.2.11 is the result of the form and skin drag forces
which occurs due to the imbalance of pressure and shear forces at the interface, respectively
[83]. Drag acts in the opposite direction of the relative motion of the bubble/particle. The
drag term has the most important effect on the inter-phase momentum transfer term
[217], hence, the choice of the drag model has a significant impact on simulation results
[202, 228, 47]. The drag effect is modeled by means of a mixture model that is assumed to
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‖ur‖ur, a, b = g, l, a 6= b, (2.12)
where Cd,a and Cd,b are the drag coefficients of phases a and b, respectively, and ur = ub−ua
is the relative velocity. Terms da and db are the diameter of the particles of phases (i.e., gas
bubbles and liquid droplets). The Tomiyama empirical correlation for an isolated bubble in



























a, b = g, l,
a 6= b,
(2.13)
where σg,l is the gas-liquid interface surface tension, Eoa is the Eötvös number of phase a
and represents the ratio of buoyancy to surface tension force, νb is the kinematic viscosity
of phase b and Rea is the Reynolds number. Bubble diameter values used as input in the
simulations are reported in Table 2.1. Other parameters are collected in Table 2.2. Hy-
drodynamic interactions between bubbles become significant as the gas hold-up increases.
To account for such interactions, Eq.2.13 which is valid for isolated bubbles is modified by
a so-called swarm factor, h, defined as Cd/Cdo , where Cd represents the drag force acting















where hmin depends on column diameter [62] and is set equal to 0.12 for the column used in
this work. The swarm factor calculated using this approach (see Fig. 2.4) is independent
of bubble size and empirical in nature.
The lift contribution to the momentum transfer term, Flift, is given by [217]
Flift = αaαb(αbCl,aρb + αaCl,bρa)ur ×∇× (αaua + αbub), a, b = g, l, a 6= b, (2.15)
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Figure 2.4: Swarm factor dependence on local gas hold-up
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Table 2.1: Average bubble diameter in (a) air-water and (b) air-0.5wt.% ethanol solution
systems used in the simulations
usl(m/s) usg(m/s) db(mm)
0,0.06 ≤ 0.03 2.7 ±0.5 1,a, 1.9 ±0.2 1,b
0 0.05 9.7 2,a
0 0.07 10.6 2,a
0 0.09 11.4 2,a
0 0.12 12.2 2,a
0 0.14 12.7 2,a
0 0.19 13.7 2,a
0.06 0.05 9.6 2,a
0.06 0.07 10.4 2,a
0.06 0.09 11.2 2,a
0.06 0.12 12 2,a
0.06 0.14 12.4 2,a
0.06 0.19 13.4 2,a
1 From image analysis
2 From the correlation of Yu and Kim [227].
where Cl,a and Cl,b are the lift coefficients for phases a and b, respectively. Few studies
have attempted to quantify the lift coefficient and in several works the lift force is either
neglected or a constant value for the lift coefficient is assumed [158, 90]. We note that
the lift force governs the transverse movement of the dispersed phase in a fluid, acting
perpendicularly to the flow direction. Lift is a consequence of the shear forces as well as
the asymmetric pressure distribution around the dispersed particle/bubble [46, 208, 196].
In the flow configurations under consideration here, the transverse movement of the fluids
is negligible compared to the main flow, yielding a minor lift contribution to the inter-
phase momentum transfer term. While inclusion of the lift force may be needed in order
to account for variations of the gas hold-up with radial distance, neglect of the lift force
has no significant effect on the radially-averaged gas hold-up. This was shown by Agnaou
et al. [4] in recent work on comparable flow configurations and is also verified here.
The virtual mass force that occurs when one phase accelerates with respect to the
other one. When the dispersed phase accelerates in the continuous phase, it replaces the
surrounding fluid and consequently it increases the inertia [46]. The virtual mass force
is modeled here in the same way as the drag contribution. Accordingly, the virtual mass
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Table 2.2: Studied operating parameters and fluid physical properties.
Parameter Symbol Values Unit
Superficial liquid velocity usl 0, 0.06 m/s
Superficial gas velocity usg 0.01 to 0.19 m/s
Liquid kinematic viscosity νl 1.004× 10−6 m2/s
Gas kinematic viscosity νg 15.11× 10−6 m2/s
Gas-liquid surface tension (water) σg,l 0.072 N/m
Gas-liquid surface tension (0.5 wt.% aqueous ethanol solution) σg,l 0.0685 N/m
Liquid density ρl 998.3 kg/m
3
Gas density ρg 1.205 kg/m
3
Droplet diameter1 dd 0.001 m
1 Simulation input (viz. Eq.2.12)
force is given by;










+ ua · ∇ua
)]
,
a, b = g, l, a 6= b,
(2.16)
where Cvm,a and Cvm,b are the virtual mass coefficients for phases a and b. Similar to the
lift coefficients, Cvm,a and Cvm,b are often assumed to be 0.5 [196].
2.4.2 Turbulence Modeling
Several turbulence closure models have been analyzed and tested in the literature in the
context of two-phase flows. The large eddy simulation (LES) model and the Reynolds
averaged models, such as the k-ε and the Reynolds stress models (RSM) have been exten-
sively used [155, 24, 213, 98, 148]. It was shown that the LES and the k-ε models predict
comparable transient flow structures [228]. Furthermore, Tabib et al. [202] reported that
all three of LES, RSM, and the k-ε models, predict comparable average flow characteristics,
with the latter model being less computationally expensive for simulations of a dispersed
bubble column. In the present work, turbulence was modeled using the k-ε model.
The classical k-ε model was originally derived for single phase flow [111, 49]. Two main
approaches have been employed to extend the use of this turbulence model into two-phase
flow problems. The first one consists of using a mixture k-ε model in which only one set
of k and ε equations is considered for the mixture of the continuous and dispersed phases
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[15, 167, 16]. This approach is recommended for systems with high phase fraction of the
dispersed phase [16]. The main assumption of the mixture model is that both phases
fluctuate in the same manner. This assumption was supported by experimental studies for
phase fractions no less than 6% [60]. In the second approach, the k-ε transport equations
are only solved for the continuous phase and the dispersed phase induced turbulence is
taken into account by including extra source terms [167, 194].
Since the flows investigated in this work involve gas phase volume fractions in the range
5% to 20%, the turbulent kinetic energy, k, and the turbulence dissipation rate, ε, were
computed from transport equations of the k-ε turbulence model for the gas-liquid mixture.
The solution of this model allowed the closure of the mass and momentum conservation
equations system (Eqs.2.9) by providing the Reynolds stress tensor, Rq, defined by












and Cµ = 0.09 [202].
2.4.3 Initial Boundary Value Problem
The multiphase process considered in this study is the two-phase incompressible flow of
two immiscible, Newtonian fluids in a vertical cylindrical pipe of height of H = 1.5 m and
diameter D = 0.15 m under isothermal conditions (T = 293.15 K). As with experiments,
two flow configurations are considered; bubble column and two-phase co-current flow. The
lower, upper and lateral boundaries are referred to as inlet, outlet and wall, respectively
(Fig. 2.5). The physical properties of gas and liquid phases (See Table 2.2) are assumed
constant.
The initial and boundary conditions associated with the mass and momentum conser-
vation equations (Eqs.2.9) and, when appropriate, with the turbulent kinetic energy and
















Figure 2.5: Schematic of the longitudinal section of the three-dimensional simulation
domain, a pipe of height H = 1.5 m, diameter D = 15 cm and volume V .
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section. The initial conditions are stated below
uq(x, 0) = 0, q = g, l, (2.19a)
p(x, 0) = 0, (2.19b)
αg(x, 0) = 0.15, αl(x, 0) = 1− αg, (2.19c)
k(x, 0) = 0, (2.19d)
ε(x, 0) = 0, (2.19e)
where the two phases are initially static (Eqs.2.19a-2.19b), forming a dispersion of 15%
gas (Eq.2.19c), and the turbulent kinetic energy and dissipation rate are initially zero
(Eqs.2.19d-2.19e).
At the wall boundary, the following conditions were imposed,
uq(x, t) = 0, on wall, q = g, l, (2.20a)
∇np(x, t) = 0,
∇nαq(x, t) = 0,
on wall, q = g, l, (2.20b)
νt(x, t) = fµCµk
2/ε, on wall, (2.20c)
k(x, t) = u∗2/
√
Cµ, on wall, (2.20d)
ε(x, t) = C3/4µ k
3/2
N /KyN , on wall, (2.20e)
such that a no-slip velocity boundary condition (Eq.2.20a) was considered for both phases
in addition to the Neumann zero normal gradient boundary condition for both the pres-
sure and phase fractions (Eqs.2.20b), where n is the unit outward normal to the surface.
Moreover, Eqs.2.20c, 2.20d, and 2.20e represent the k-ε turbulence model wall functions
[26, 2]. In these equations, fµ (Eq.2.20c) is a damping function, u
∗ (Eq.2.20d) is the fric-
tion velocity, K (Eq.2.20e) is the von Karman constant, yN the distance from the wall to
the first interior node N , and kN the turbulent kinetic energy at N .
At the outlet boundary, the conditions imposed are
p(x, t) = poutlet, on outlet, (2.21a)
∇nuq(x, t) = 0,
∇nαq(x, t) = 0,
∇nk(x, t) = 0,
∇nε(x, t) = 0,
on outlet, q = g, l, (2.21b)
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where a uniform Dirichlet pressure boundary condition was considered (Eq. 2.21a) and the
Neumann zero normal gradient condition was imposed for the velocity and phase fractions
of both phases and for the turbulent kinetic energy and dissipation rate (Eqs. 2.21b). In
Eq. 2.21a, the pressure is atmospheric, poutlet = 101325 Pa.
Finally, at the inlet boundary, the boundary conditions used in this study are given as
follows,









where the Neumann zero normal gradient condition was imposed for the velocity (Eqs.2.22a).
Dirichlet boundary conditions (Eqs.2.22b) were adopted for both the pressure and phase
fractions. An inlet Dirichlet pressure boundary condition, as opposed to the commonly
used uniform velocity boundary condition, is physically consistent because a gas-liquid
slip velocity at the inlet is present and the non-slip velocity condition at the wall is not
violated. Additionally, it allows for the development of non-uniform flow profiles at the
inlet consistent with the model governing equations [4]. The boundary conditions given by
Eqs.2.22b were imposed by means of a multi-variable control procedure that sets values of
pinlet and αinletq according to the target superficial velocities. Details of the implementation
are given by Agnaou et al. [4]. For configurations yielding non-dispersed flow regimes, the
control strategy fails to adjust the inlet pressure corresponding to the target flow rate. This
may be explained by the fast local velocity fluctuations, which require a control strategy
more advanced than the one currently available. For flow configurations where the con-
troller cannot be used, i.e., in the non-dispersed regime, the pressure Dirichlet boundary
condition of Eqs.2.22b was replaced by a uniform Dirichlet velocity boundary condition.
Whereas the impact of the inlet boundary condition on the flow structure is important [4],
it is found here, at least for the dispersed regime, that its impact on the overall gas hold-up
is negligible for either bubble column or two-phase flow configurations.
Dirichlet uniform boundary conditions were also used for the turbulence quantities k
and ε at the inlet (see Eqs. 2.22c). Because turbulence at the inlet is not precisely known,
the literature of two-phase dispersed flows tends to tacitly assume that the effect of kinlet
and εinlet is insignificant. In this work, these values were instead estimated using empirical
relations derived for turbulent single-phase upward flows in a pipe, as relations for two-
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phase flows are not available. These estimations made use of gas volume fractions, εg,
obtained experimentally and are explained below.
The average turbulence intensity over the pipe cross-sectional area was first estimated
as [168]
I = 0.14Re−0.079, (2.23)
where Re is the pipe’s Reynods number defined as follows,
Re = umD/νm, (2.24)
where um is the mixture velocity, D is the diameter of the pipe, and νm is the mixture
kinematic viscosity that is determined from the viscosities of the two phases, νg and νl,
and the experimental volume fraction εg as follows,
νm = εgνg + (1− εg) νl, (2.25)
In a second step, kinlet and εinlet were estimated assuming isotropic turbulence, with um
as a reference velocity, and a turbulent length-scale corresponding to the diameter of the
pipe, D. The turbulent kinetic energy and dissipation rate at the inlet boundary are then
given by,






The partial differential equation system under consideration consists of Eqs.2.9, the k-ε
turbulence model, and the associated initial and boundary conditions, Eqs.2.19 through
2.22. The two-phase flow problem was solved numerically using the multiphaseEulerFoam
solver of the open-source CFD toolbox OpenFOAM 4.0 [3]. The experimental conditions
were reproduced to assess the accuracy of the Eulerian model. Bubble column and two-
phase co-current flow simulations were performed for a range of gas and liquid superficial
velocities. Simulations were also ran with and without turbulence modeling to investigate
its impact on simulation results.
The computational domain (Fig. 2.5) was meshed using hexahedral elements and mesh-
independent (converged) numerical solutions where determined through a sensitivity anal-
ysis of the solution to the number of elements (Fig. 2.6). This analysis was carried out
using the bubble column and co-current flow configurations with the highest superficial
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velocities, as the sensitivity of the numerical solution to the mesh size increases with flow
velocity.
The CFD gas hold-up εCFDg was used as the basis for comparison. This quantity cor-
responds to the time-average over the fully-developed flow interval (FDFI) of the volume-
















and dv is an elementary volume. Fig. 2.6 plots the normalized gas hold-up εCFDg,n against
the number of mesh elements. The normalization was performed with respect to the result
obtained with the mesh with highest number of elements. It is evident in this figure that
mesh-independence is achieved after 50000 elements for bubble column and after 85000
elements for co-current flow configurations. Increasing the number of grid blocks around
5 and 8 times leads to a relative error of less than 2.8% and 3.4% on the gas hold-up for
the bubble column and co-current flow configurations, respectively. The mesh adopted
in this work comprises of 137592 elements - a trade-off between acceptable accuracy and
computation time.
2.5 Results and Discussion
2.5.1 Gas Hold-up in Gas-Liquid Flow System
Fig. 2.7 represents the overall gas hold-up data obtained in this study. The results of our
study agree with measurements of previous studies to within 10% of the reported gas hold-
up values [5, 78, 41]. As can be seen from Fig. 2.7 the overall gas hold-up depends mainly
on gas superficial velocity. The increase in the hold-up with respect to gas superficial
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Figure 2.6: Normalized gas hold-up εCFDg,n versus number of mesh elements. Overall gas
hold-up computed using Eq.2.27 and normalized with respect to the result obtained from
the mesh with the highest number of elements. Bubble column; usl = 0 and usg = 0.09 m/s.
Co-current flow; usl = 0.06 m/s and usg = 0.09 m/s.
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water, u_sl= 0.06 m/s
0.5 wt% ethanol, u_sl=0
0.5 wt% ethanol, u_sl=0.06 m/s
Figure 2.7: Overall gas hold-up data in gas-liquid two phase flow system.
velocity is more pronounced in the dispersed regime than in the churn-turbulent regime.
A similar trend has been observed previously [94]. Increasing the liquid superficial velocity
from 0 to 0.06 m/s decreases the hold-up by an average of at most 8% for either distilled
water or aqueous ethanol solution. This may be attributed to an increase in bubble rise
velocity and the concomitant reduction of the gas phase residence time [105].
Another observation from Fig. 2.7, is the generally higher gas hold-up values for the
system containing 0.5wt.% ethanol solution as compared to distilled water. Addition of
ethanol to water reduces the surface tension and is expected to suppress bubble coalescence,
thereby reducing bubble size [189, 41, 193]. This causes an increase in the bubble interfacial
area as well as a decrease in bubble rise velocity, both of which lead to higher values of the
gas hold-up.
42













Hikita et al. 1980
Reillery et al. 1986
Akita and Yoshida 1974
Hughmark 1967
Hikita and Kikukawa 1974
(a)













Hikita et al. 1980
Reillery et al. 1986
Akita and Yoshida 1974
Hughmark 1967
Hikita and Kikukawa 1974
(b)
Figure 2.8: Comparison of experimental overall gas hold-up data to the predictions of
empirical correlations, usl = 0, (a) air-water system and (b) air-0.5wt.% ethanol solution
system.
2.5.2 Prediction of Overall Gas Hold-up with Empirical Corre-
lations
How accurately available empirical correlations can predict the experimental data of this
study is examined in Figs. 2.8 and 2.9. For the air-water system, the average gas hold-up
for both flow configurations (bubble column and co-current two-phase flow) is predicted
to within experimental error only by the correlations of Akita and Yoshida [5] and Hikita
et al. [78], and only for εgas ≤ 0.15 in the case of co-current flow. However, when only a
small amount of alcohol is added to the system (resulting in a surface tension reduction
from 0.072 N/m to 0.0685 N/m), this is no longer true. In this case, a different correlation
(Hikita and Kikukawa [79]) predicts the gas hold-up to within experimental error, but only
for εgas ≤ 0.15. Other correlations are in error by up to 50%. This is despite the fact that
all correlations are supposed to account for surface tension. Clearly, a priori prediction of
the gas hold-up by empirical correlations is subject to uncertainty that is much greater than
implied by the comparison of any specific correlation with any specific set of experimental
data.
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Figure 2.9: Comparison of experimental overall gas hold-up data to the predictions of
empirical correlations, usl = 0.06 m/s, (a) air-water system and (b) air-0.5wt.% ethanol
solution system.
2.5.3 Results of Bubble Size Measurement
Using the image analysis technique described above, we found average bubble diameters
of 2.7 ± 0.5 mm and 1.9 ± 0.2 mm for the air-water and air-0.5wt.% ethanol aqueous
solution systems, respectively, in the dispersed flow regime (usg ≤ 0.03 m/s). For air-water
dispersed flow systems, bubble diameters between 2.3 mm to 5 mm have been reported in
the literature, depending on the column diameter and gas sparger design [78, 29, 222, 178,
77, 182]. For air-0.5wt.% ethanol aqueous solution, Keitel and Onken [96] have reported a
Sauter mean diameter of about 1.7 mm in a dispersed bubble column. We also observed
that the bubble diameter was almost independent of gas velocity in the dispersed regime.
A similar trend has also been reported in the literature [5, 178]. Schafer et al. [182] and
Gemello et al. [63] have investigated the effect of sparger material and design on bubble
size distribution inside bubble column systems. They found that the mean bubble size
varies significantly with changes in gas sparger design. For example, in a dispersed air-
water system the stable (far from the sparger) mean bubble diameter varied between 2.1
and 3.3 mm for the same operating parameters. This implies that the features of the
experimental setup can affect the bubble size measurement. Therefore, any attempt to
correlate mean bubble diameter should consider sparger characteristics, such as the orifice
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diameter [94, 8]. Our results also demonstrate the sensitivity of bubble size to changes
in the gas-liquid surface tension, since only a 5% decrease in surface tension causes a
30% decrease in mean bubble diameter. For air-0.5wt.% ethanol solution, in a study with
gas sparger, Sauter bubble diameters of 2.4 mm have been reported for a bubble column
operating at 0.021 m/s gas superficial velocity [115].
In the churn-turbulent (heterogeneous) regime image analysis is unreliable and the
correlations of Yu and Kim [227] were applied instead to obtain the results shown in Table
2.1. The average bubble diameter values slightly decreased in the two-phase flow system
compared to the bubble column. The predictions of the correlations of Yu and Kim [227]
agree with measurements of Sarrafi et al. [178] to within 8%. It should be noted that the
correlations of Yu and Kim [227] are only applicable to air-water systems.
It is instructive at this point to consider a simple prediction of the overall gas hold-up
based on a balance between buoyancy and drag forces. The steady state mass balance for





where ug is the mean bubble velocity. The latter is given by :
ug = uof(εg) (2.30)
where uo is the terminal velocity of an isolated bubble and h = f(εg) is a swarm correction
factor (viz. Eq.2.14). The bubble terminal velocity is related to the drag coefficient as
follows:
uo ∝ C−0.5do (2.31)






)0.5 = h0.5 (2.32)





Eq.2.33 may be solved for εg given the gas superficial velocity (usg) and the bubble diameter
(db), where the latter provides uo via the drag model (Eq.2.13). Using this procedure we
estimated the overall gas hold-up for bubble columns studied here and in Gemello et
al. [62]. The results shown in Fig. 2.10 reveal significant departure of these estimates
from the experimental observations (∼ 30-40% error). Clearly, consideration of the local
hydrodynamic conditions is necessary for accurate prediction of the overall gas hold-up.
45


















This Study Gemello et al. 2018
Figure 2.10: Comparison of the experimental overall gas hold-up data with the prediction
of the model proposed by Ruzicka [169]
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Table 2.3: Effect of lift force [206] on prediction of an experimental overall gas hold-up
from the study of Gemello et al. [62] with the Eulerian model used in this study (Dc = 0.4








Gemello et al. [62] 19.7 33.6 19.8 –
This study – 29.7 20.9 20.5
2.5.4 Prediction of Overall Gas Hold-up with Two-Phase Eule-
rian Models
Before using the Eulerian model described above to predict the overall gas hold-up in
the experiments reported here, the model was verified against computations reported by
Gemello et al. [62]. A representative comparison is detailed in Table 2.3. As expected,
inclusion of the lift force has a negligible effect on the prediction of the overall gas hold-up
and there is no more than a few percent difference between the prediction of Gemello et
al. [62], the prediction of the present model and the experimentally observed value.
The results obtained in this study for the air-water system can be seen in Fig. 2.11, in
which the shaded region represents a range of gas superficial velocities for the transition
from dispersed to churn-turbulent flow regime [188, 82, 94]. For the air-ethanol aqueous
solution system, simulations were limited to the dispersed flow regime and the results are
shown in Fig. 2.12.
In the dispersed flow regime, the Euler-Euler model computed the overall gas hold-up
within the range of experimental error for both flow configurations (bubble column and co-
current gas-liquid flow), using the experimentally-determined values of the average bubble
diameter as input (see Table 2.1). Since the dispersed flow regime is indeed characterized
by narrow bubble size distributions and low degree of interaction between bubbles, this
result confirms the validity of the Euler-Euler model in this regime.
It can be seen in Fig. 2.11, that inclusion of a turbulence model has no significant effect
on the prediction of gas hold-up in the dispersed flow regime. The performance of different
turbulence models has been examined by several researchers in recent years. For example,
Ekambara and Dhotre [48] compared the k-ε, LES and RSM turbulence models in a fully
dispersed bubble column and observed no significant difference in the prediction of radial
gas hold-up in the developed region of system. In a recent study, Lote at al. [119] also
observed minor differences in radial gas hold-up prediction between k-ε and RSM within
a dispersed two-phase flow system. A similar observation was reported by Tabib et al.
[202] and by Gupta and Roy [73] regarding the prediction of axial liquid velocity. Rzehak
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and Krepper [171] investigated the inclusion of different bubble-induced source terms for
the dispersed phase to the k-ε model. Except for minor qualitative differences in terms of
radial gas hold-up, the overall hold-up values were very similar. Colombo and Fairweather
[39] also applied the RSM and k-ε models combined with bubble-induced source terms
to predict the hold-up reported in previous experimental works. They concluded that the
performance of different turbulence models was in fact comparable, and that best agreement
between simulation and experiment was observed when experimentally-determined values
of the bubble diameter were used as input.
The results of the present study lend additional support to the conclusion that consid-
eration of turbulence is not required for the prediction of the average gas hold-up in the
dispersed (homogeneous) flow regime using an Euler-Euler model. Rather, accurate speci-
fication of the bubble size appears to be condition sine qua non, as evidenced in Fig. 2.12.
To this point, Table 2.4 lists previous studies in which Eulerian models were used to predict
the gas hold-up observed in experiments. In all studies listed, the bubble diameter used
as input to the model was determined experimentally. The average gas hold-up observed
experimentally in the dispersed flow regime, is indeed reproduced with absolute average
relative error (AARE) of less than 10% using a simple Euler-Euler model (see also Table
2.5 for a summary), provided that the bubble diameter is accurately specified. As shown
in this work, a reduction of the average bubble size from 2.7 mm to 1.9 mm is brought
about by a 5% reduction of the gas-liquid surface tension. This effect, which is difficult
to predict, needs to be taken into account in the Euler-Euler model in order to achieve
accurate prediction of the average gas hold-up in the dispersed regime. Considering that
the bubble size is additionally influenced by the characteristics of the sparger [182] and
the fluid viscosity [19], the requirement for accurate specification of the bubble size may
be very difficult to meet without experimentation. This limits the predictive potential of
Euler-Euler models in the dispersed flow regime.
In the churn-turbulent (heterogeneous) flow regime, omission of turbulence modeling
coincides with significant disagreement between simulated and measured gas hold-up (see
Fig. 2.11). Inclusion of turbulence modeling in this regime does not, however, consistently
improve the agreement between simulation and experiment. When the average bubble size
estimated using the correlations of Yu and Kim [227] (see Table 2.1) is used as input in
the Euler-Euler model, consideration of turbulence is associated with significant improve-
ment of gas hold-up predictions in the bubble column. For co-current two-phase flow, the
addition of turbulence modeling does not result in improvement of the predicted average
gas hold-up. When, in addition to turbulence, the swarm correction (viz. Eq.2.14) is ap-
plied, the agreement with experiment is improved for the highest values of gas superficial
velocity. This is true for both bubble column and co-current flow configurations with the
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Figure 2.11: Comparison of overall gas hold-up data measured through experiments with
predictions of Eulerian models in air-water system (a) usl = 0 and (b) usl = 0.06m/s.
(Note: dashed lines are a guide to the eye.)
following difference. For bubble column, excellent agreement between experiment and sim-
ulation is observed throughout the range of gas superficial velocities tested (see Table 2.4).
For co-current flow, the Euler-Euler model consistently over predicts gas hold-up in the
heterogeneous flow regime (see Table 2.4). These observations are discussed below within
the context of previous attempts to predict the average gas hold-up under conditions of
churn-turbulent (heterogeneous) flow, almost exclusively focused on bubble columns (see
Table 2.4).
Silva et al. [192] applied Eulerian models in the ANSYS CFX package to predict radial
gas hold-up in a bubble column. Their simulations failed to predict the gas hold-up using a
single bubble diameter (and the k-ε turbulence model), but use of the multiple size group
(MUSIG) model with three bubble size groups improved the results significantly. Using the
LES model instead of the k-ε model resulted in minor improvement. McClure et al. [132]
and Fletcher et al. [57] also used ANSYS with single bubble size (measured experimentally)
and predicted the overall gas hold-up in a churn-turbulent bubble column with about
15% error. They further showed that addition of a bubble-induced turbulence model for
the dispersed phase improved the gas hold-up prediction only slightly. In a recent study,
Huang et al. [81] investigated the effect of various bubble size models in CFD simulation of
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Experiment,u_sl =0.06 m/s Simulation, u_sl=0.06 m/s
Figure 2.12: Comparison of overall gas hold-up data measured through experiments with
predictions of Eulerian model (without turbulence or swarm correction) for the air-0.5wt.%
ethanol solution system. (Note: dashed lines are a guide to the eye.)
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heterogeneous bubble column systems. The bubble size models assessed were the constant
single bubble size, the variable single bubble size and the MUSIG models. Their results
demonstrated that the single bubble size approach provided the best agreement between
experiments and CFD predictions, while the MUSIG model over-predicted the gas hold-
up. In contrast to bubble columns, satisfactory prediction of co-current two-phase flow
systems in the heterogeneous regime is challenging (average error of about 30%), even
when a population balance model is used [85] (see Table 2.5).
Clearly, prediction of the average gas hold-up by an Euler-Euler model is as accurate
as the account of momentum exchange between the gas and liquid phases. The sensitivity
of the latter to bubble size is demonstrated in the results shown in Fig. 2.11 and Fig. 2.12
for dispersed (homogeneous) flows characterized by narrowly-distributed bubble size (see
Table 2.1). This fact is accentuated in heterogeneous flow, which is characterized by broad
bubble size distributions. Our results for bubble columns as well as those of Gemello
et al. [62] support the conclusion that accurate prediction of the overall gas holdup is
possible in this regime using a single bubble size under two conditions. Firstly, that
hydrodynamic interactions between bubbles be appropriately accounted for (i.e. swarm
correction). Secondly, that the bubble size be appropriately chosen. In the study of Gemello
et al. [62], the bubble size used was the mean Sauter diameter measured experimentally
using a method based on cross correlation between the signals from two optical probes
[63]. In the present study the bubble size used is the mean diameter estimated from
the correlation of Yu and Kim [227], itself based on experimental measurements using an
optical fiber probe. At this point, it is instructive to consider the sensitivity of predicted
overall gas hold-up on uncertainty in the value of bubble size. To this end, we simulated
co-current flow with usl of 0.06 m/s and usg of 0.14 m/s using db = 14.9 mm - a value
20% greater than the one obtained from the correlation of Yu and Kim listed in Table
2.1. The prediction of the overall gas hold-up decreased by less than 2%. The prediction
of the overall gas hold-up during heterogeneous co-current flow is much more sensitive
to the swarm correction. Changing the constant in Eq.2.14 from 4.8 to 7 (see Fig. 2.4)
results in εgsim. = 0.182 with bubble size as listed in Table 2.1 - a result that is accurate
to within experimental error. It is important to recall that Eq.2.14 is an empirical fit to
experimental data obtained from a bubble column [193] and it is not obvious that it applies
to co-current two-phase flow without modification. Prediction of the overall gas hold-up is
least accurate under conditions of co-current heterogeneous flow (see Table 2.5), suggesting
that further work is needed to improve the account of hydrodynamic interactions between
bubbles under such conditions.
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Table 2.4: Accuracy of Eulerian models in prediction of gas hold-up
Reference usl(m/s) usg(m/s) db(mm) εgexp (%) εgsim. (%) Error (%)
Homogeneous Flow Regime
Selma et al. [187] 0 0.0073 5 1.9 1.7 12
This study 0 0.01 2.7 4.5 3.8 15
This study 0 0.02 2.7 6.7 6.8 1.5
Silva et al. [192] 0 0.02 2.12 9.2 9.5 3.5
Simonnet et al. [194] 0 0.02 4 7.6 7.4 2.6
This study 0 0.03 2.7 8.4 9.3 10
Guedon et al. [70] 0 0.033 4.2, 7.2 1 9.75 10.33 5.93
Rzehak and Kriebitzsch [172] 0.0405 0.0235 4.5 5.3 5.2 1.8
This study 0.06 0.01 2.7 4.1 3.1 19
This study 0.06 0.02 2.7 5.7 6 5.5
This study 0.06 0.03 2.7 7.8 8.8 10
Wang and Yao [216] 0.405 0.011 4.5 1.89 1.62 16.3
Wang and Yao [216] 0.491 0.0556 2.5 7.8 6.7 10.6
Colombo and Fairweather [39] 0.5 0.12 2.94 15.2 14.5 4.5
Colombo and Fairweather [39] 1 0.036 3.66 3.3 2.8 15.5
Yamoah et al. [223] 1 0.05 3.41 5 5.3 6
Rzehak and Kriebitzsch [172] 1 0.14 3.03 10.6 10.2 3.8
Yamoah et al. [223] 1 0.3 3.68 22 23.6 7.5
Wang and Yao [216] 2.6 1.275 9.3 25.7 29.8 16.1
Heterogeneous Flow Regime
This study 0 0.05 9.7 11.1 11.1 0
This study 0 0.07 10.6 12.6 12.8 1.8
Silva et al. [192] 0 0.08 1-5 1 23 20.8 10
This study 0 0.09 11.4 15.1 14.8 2
This study 0 0.12 12.2 17.5 17.5 0
This study 0 0.14 12.7 18.4 18.1 1.6
Fletcher et al. [57] 0 0.16 6 22.8 20.1 3.5
Gemello et al. [62] 0 0.16 7 25 25.7 2.8
This study 0 0.19 13.7 21.9 23.1 8
Gemello et al. [62] 0 0.25 8 28.8 29.2 1.5
McClure et al. [132] 0 0.25 8 26.2 30.4 16.2
Jakobsen [85] 0.01 0.08 3.8-12 2 25.7 18 29.5
This study 0.06 0.05 9.6 10.2 12.7 24.5
This study 0.06 0.07 10.4 12.3 15.1 22.7
This study 0.06 0.09 11.2 14.5 17.5 20.1
This study 0.06 0.12 12 15.9 19.2 22
This study 0.06 0.14 12.4 17.6 19.6 11.2
This study 0.06 0.19 13.4 19 23.5 23.8
1 Multiple size group model.
2 Population balance model.
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Table 2.5: Average relative error for the cases listed in Table 2.4
Homogeneous flow regime Heterogeneous flow regime
Bubble column 7 % 4.5 %
Co-current flow 10 % 22 %
2.6 Conclusion
Motivated by a growing interest in CFD as a tool for design and scale up of industrial-scale
systems involving gas-liquid flows, and considering the overall gas hold-up as the most fun-
damental parameter related to system performance, we sought to validate an Euler-Euler
model against experimental measurements of this quantity for dispersed (homogeneous)
and churn-turbulent (heterogeneous) air-water flow in a vertical column.
For operation either as a bubble column or in co-current flow, with and without the
addition of a small amount (0.5wt.%) of ethanol in the aqueous phase, we found agree-
ment to within 10% of the experimentally determined values of average gas hold-up in the
dispersed flow regime, provided the bubble size supplied as input to the Euler-Euler model
was the average bubble size measured experimentally. The considerable sensitivity of this,
otherwise narrowly distributed, bubble size to changes in surface tension (and possibly
other factors), is identified as the main limitation to the predictive ability of the model
in the homogeneous regime. In the heterogeneous regime, the main limitation to the pre-
dictive ability of the model stems from uncertainty in accounting for the hydrodynamic
interactions between bubbles (swarm correction). A model proposed by Simonnet et al.
[193] leads to agreement to within 10% of the experimentally determined values of overall
gas hold-up in bubble columns. Much greater errors (22% on average) are, however, ob-
served for co-current flow. Since in neither flow regime can the appropriate bubble size be
known a priori, Euler-Euler models are likely to require quantitative calibration in simple
systems, such as the one investigated here, before they can be used to investigate industrial
systems of greater geometric complexity (e.g., [134, 108]).
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Chapter 3
Gas Separation in a Pilot-Scale
Ebullated Bed: Experimental and
Numerical Investigation
3.1 Synopsis
Gas hold-up reduction inside hydroprocessors is critical to improve the efficiency of bitumen
conversion. Installation of internal gas/liquid separators (recycle cup) has been studied in
the last 50 years. In this study, we designed and fabricated two recycle cups, employing 3-D
printing technology, and investigated their performance in a pilot scale cold-flow ebullated
bed reactor. The recycle cups made based on the designs proposed in published patents.
Air-water and air-5wt.% ethanol aqueous solution were used as working fluids. Addition
of ethanol helped creating high gas hold-up and foaming conditions frequently observed
in commercial hydroprocessors. It was observed that in the foaming systems performance
of the recycle cups deteriorated. Also, increasing the inlet liquid flow rate and/or recycle
liquid flow diminished the separation efficiency. The ability of two-fluid Euler-Euler model
in prediction of gas hold-up in the pilot scale system as well as inside the recycle line
was also investigated. In the homogeneous flow regime, given the proper bubble size, the
model estimated the gas hold-up in the column with less than 5% error. However, unlike
the experimental observations, the model did not predict any gas in the recycle line. Such
findings are assumed to be the result of small computational mesh grids (smaller than a
single bubble) or due to the changes in the average bubble size inside the recycle line.
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3.2 Introduction
Upgrading is the term given to a process which converts bitumen, heavy oil or vacuum
residue to an improved quality synthetic crude oil [68]. Bitumen is upgraded by hydrogen
addition (hydroprocessing) or carbon rejection (fluid bed coking) processes into a product
that is lighter, less viscous and relatively free of contaminants (particularly sulfur). Com-
pared to coking, hydroprocessing offers higher liquid yields, better distillate qualities and
lower emission levels of sulfur dioxide [68].
Hydroprocessing of bitumen is carried out primarily in ebullated bed reactors (EBRs),
which are three-phase (gas-liquid-solid) fluidized bed reactors with an internal recycle line
(downcomer) (see Fig. 3.1). Bitumen and hydrogen enter the EBR at the bottom of the
column (plenum chamber), are mixed and introduced into the bed of solid particles. The
recycle line in the EBRs is connected to an ebullating pump which returns the liquid to
the reactor. EBRs generally consist of a three-phase section in which catalyst particles
are kept in a fluidized state by the upward flow of the liquid (feed and the recycle) and
gas (hydrogen and vapor products), and a catalyst-free section (freeboard region) above
three-phase zone. The height of the expanded bed of catalysts is controlled by the rate of
the recycled liquid flow [201, 186]. Hydrocracking reactions take place in the three-phase
section of the reactor. The hydrogen and vapor products along with the hydrogenated
bitumen then enter the freeboard region. Part of the liquid is withdrawn as product and
the rest is recycled to the bottom of the reactor [201]. Ideally, gas and vapor products rise
to the top of the reactor and removed as effluent.
Although the presence of a minimum amount of gas phase is required in order to sustain
the catalytic reactions in the three-phase zone, excessively high gas hold-up values (more
than 25%), have been observed in industrial scale EBRs [54, 134]. The excess hydrogen and
vapor products decrease the effective volume and bitumen residence time in the reactor. As
the level of catalyst bed expansion is controlled by recycled liquid flow, the presence of gas
or vapors in the recycle stream decreases the efficiency of the recycle pump and destabilizes
the ebullated bed [34]. Entrainment of gas in the recycle line is a major cause of excessively
high gas hold-up values, which are detrimental to bitumen conversion. Foam formation in
the EBRs and its extension into the recycle line exacerbates gas entrainment [201, 134],
spurring interest in the development of techniques to reduce the amount of circulating gas.
Previous studies on gas hold-up reduction led to the addition of an internal gas/liquid
separator, known as recycle cup, in the freeboard region of the reactor. Implementation of
the recycle cup is an effort to improve the gas/liquid disengagement in the freeboard region,
such that a smaller amount of gas is entrained in the recycle line [108]. The optimization
of recycle cup design has been an ongoing challenge, as numerous cup designs have been
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Figure 3.1: Schematics of EBRs used for hydroprocessing of bitumen [10]
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developed and patented over the past 50 years [74, 130, 69, 38, 32, 181, 201, 34, 31, 45, 28,
61]. These designs have focused on geometric modification of the recycle cup to improve
separation efficiency, the latter determined by measuring the gas hold-up in the internal
recycle line of the EBR.
Almost all experimental studies of EBR hydrodynamics published to date have em-
ployed pilot scale systems lacking the recycle cup and internal recycle line sections [54,
151, 152]. Generally, in these pilot scale systems gas/liquid disengagement occurs in an
expanded overflow section. Fluid dynamic studies in cold-flow pilot scale EBRs with disen-
gagement systems similar to the industrial hydroprocessors are scarce. Only a few reports
(mainly in patents) exist that measure and compare the efficiency of recycle cups [31, 45].
The information that can be drawn from these studies is very limited. Aiming to close this
gap, this study reports on the design, construction and use of a pilot scale cold-flow sys-
tem which is equipped with an internal recycle line. The modular structure of the system
affords the flexibility to install various recycle cup designs and examine their efficiency in
a systematic study. In the first part of this study we demonstrate the use of this system
by testing the efficiency of two patented recycle cup designs for gas/liquid separation. By
carefully reviewing the design features, two patented recycle cup are reproduced using 3D-
printing technology and implemented in the system. The effect of operating parameters,
such as the inlet gas and liquid flow rates and recycle ratio (ratio of recycled liquid flow
rate to inlet liquid flow rate) are investigated. The system is operated with gas and liquid
phases only (without solids), as only the performance of the recycle cups is of interest. In
the second part of the study, computational fluid dynamic (CFD) simulations are used to
study the ability of an Eulerian two-fluid (Euler-Euler) model to predict of gas hold-up in
the pilot scale column and inside the recycle line.
The high cost and practical difficulties of conducting experiments in EBRs at real oper-
ating conditions (high pressure and temperature), makes CFD studies an attractive alter-
native in studies of the hydrodynamics of such complex systems [214, 83]. The Euler-Euler
model treats the phases as inter-dispersed continua and is stated in terms of momentum
conservation equations derived for each phase through either spatial or time averaging [83].
Phase fractions indicate the amount of each phase that is present at a particular location
and time. Simulation at industrially-relevant scales is possible at a reasonable computa-
tional cost with Euler-Euler models, whereas it is prohibitively costly with models for which
the computational cost scales with the number of bubbles/interfaces [197, 64, 123]. For
Euler-Euler models to serve design purposes, rigorous validation of model results against
experimental measurements is imperative [67]. Yet, CFD studies to predict the hydro-
dynamics of EBRs with internal recycle are rather scarce. McKnight et al. [134] used
an Eulerian model in the CFX-FLOW3D toolbox to simulate the freeboard region of a
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cold-flow EBR (ID of 1.2 m) operating with kerosene and nitrogen and equipped with the
recycle cup designed by Buttke and Frey [32]. Only qualitative CFD results were reported
in that study. In a recent study, Lane et al. [108] simulated the system described in the
study of McKnight et al. [134] using an Eulerian framework within the OpenFOAM tool-
box. The effect of several parameters, such as the average velocity of the phases, bubble
diameter and recycle ratio on gas entrainment inside the recycle line was investigated, but
the results were not compared to experimental measurements. Such a comparison is a
key objective of this study, which seeks to quantify the ability of two-fluid Euler model to
predict the average gas hold-up both in the EBR freeboard and in the recycle line.
The paper is structured as follows: First, the experimental setup and the applied
measurement techniques are described in section 3.3. Then, the Euler-Euler model, the
momentum exchange closure relations and the specific simulation conditions are presented
in section 3.4. The experimental results as well as a discussion of the performance of
recycle cups and the effect of various operational parameters on separation efficiency are
presented in section 3.5. The Eulerian model predictions are presented and compared with
the experimental data in section 3.5.3 and conclusions are summarized in section 3.6.
3.3 Experimental Setup and Procedure
3.3.1 Experimental Setup
The cold-flow pilot scale system used in this study is shown in Fig. 3.2. The column is made
of clear PVC with an ID of 15.2 cm and a height of 220 cm. It consists of the gas/liquid
distributor section (i.e. plenum chamber, 20 cm in height), the test section which contains
the recycle cup, and the freeboard region above the recycle cup. The plenum chamber
and the section devoted to the recycle cup are connected to the other parts via knob and
flange connections. This gives the flexibility to implement various recycle cup designs
in the system. A perforated plate containing 3 mm circular holes is fitted between the
plenum chamber and the test section. The plate is designed to evenly distribute the gas
and liquid phases within the column. The internal recycle line (downcomer) is a 2.54 cm ID
acrylic pipe, one end of which is attached to the recycle cup and the other connected to an
external gas/liquid separator which receives the recycled liquid and entrained gas. Flow in
the recycle line is driven by gravity and controlled by a valve. Gas is completely removed
in the separator and the liquid is returned to the storage tank. This external separator
enables accurate measurement of the recycled liquid flow. A product line is also installed at
the junction of the cup and the internal recycle line. The product flow rate is controlled by
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a valve which maintains a desired level of the gas/liquid mixture in the column. Gas/liquid
mixture from the product line is also returned to the storage tank. It should be noted that
the experimental system lacks the recycle pump of industrial hydrocrackers. This poses
certain limitations on the range of recycle flow rates that can be explored.
Distilled water and a 5wt.% ethanol aqueous solution were used as the liquid phase.
The liquid was stored in a plastic tank and was pumped through a centrifugal pump
(Goulds pump, model 2ST1E4F4) to the bottom of the plenum chamber. The flow rates of
the inlet and the recycled liquid streams were measured by two rotameters (Blue-White,
models F-43040LNS and F-41017LN-16, respectively). Air was used as the gas phase and it
was sparged to the plenum chamber through two symmetrically-installed gas spargers with
openings of 100 µm in diameter. Another rotameter (Blue-White, model F-55376-GP) was
used to measure the flow rate of injected air. Air flow leaving from the top of the system
was also measured by a flow meter (Dwyer, model VFA-26).
To observe the effect of inlet liquid flow rate on gas/liquid separation, two flow rates of
20 and 30 L/min were used which correspond to inlet liquid superficial velocities of 0.019
and 0.028 m/s, respectively. Also, the recycled liquid flow rate was set to obtain recycle





The flow rate of injected air was varied to obtain gas superficial velocities of up to 0.1
m/s. Such wide range has allowed the observation of both dispersed (homogeneous) and
churn-turbulent (heterogeneous) flow regimes in the system. According to the literature, for
distiled water as the liquid phase and liquid superficial velocities below 0.1 m/s, dispersed
flow occurs for gas superficial velocities less than 0.04 m/s [185, 43, 229, 82]. At higher
gas velocities, the system switches to the heterogeneous regime. The values of operating
parameters are summarized in Table 3.1.
3.3.2 Development of Recycle Cups
The modular structure of the pilot scale system allows implementation of various designs
of recycle cups. In this study we fabricated two patented recycle cups and compared their
gas/liquid separation efficiency over a wide range of operational conditions. The recycle





















Figure 3.2: Schematics of the experimental setup used in this study
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Table 3.1: Studied operating condition and phase physical properties.
Parameter Symbol Values Unit
Superficial liquid velocity usl 0.019, 0.028 m/s
Recycle ratio Rr 0.33 to 0.7
Superficial gas velocity usg 0.01 to 0.1 m/s
Liquid kinematic viscosity νl 1.004× 10−6 m2/s
Gas kinematic viscosity νg 15.11× 10−6 m2/s
Gas-liquid surface tension (water) σg,l 0.072 N/m
Gas-liquid surface tension (5wt.% aqueous ethanol solution) σg,l 0.055 N/m
Liquid density (water) ρl 998.3 kg/m
3
Liquid density (5wt.% aqueous ethanol solution) ρl 989 kg/m
3
Gas density ρg 1.205 kg/m
3
Liquid droplet1 dd 0.001 m
1 Simulation input
The design of recycle cups for the experimental system was based on geometric simil-
itude with patented designs. The 3D-printed cups and associated patent drawings are
shown in Figs. 3.3b and 3.4b. The first cup (see Fig. 3.3b), hereafter referred to as
the “simple cup”, was developed based on a design proposed in U.S. patent No. 3124518
[74]. This patent is one of the first inventions addressing the separation of gas from the
recycled liquid in hydrocracking reactors. The proposed gas/liquid separator apparatus is
a simple funnel-shaped (frustoconical) cup with a vertically upward extending upper lip.
According to the patent, the cross-sectional area of the recycle line should be between
1% to 10% of the column cross-sectional area. Too small of a downcomer limits the rate
of liquid recycled. Too large of a downcomer decreases the effective volume available for
hydrogenation reactions inside the reactor. The area of the enlarged section of the cup
is also recommended to be between 20% to 50% of the column cross-sectional area. This
is in order to reduce the liquid velocity relative to gas velocity such that the entrained
gas has an opportunity to separate from the liquid and rise to the top outlet [38]. For
the simple cup developed in this study, the ratios of the areas of recycle line and enlarged
section of the cup to the area of the column are 3% and 45%, respectively. The angle of the
funnel was also set to 45◦ [31]. During the experiments, the level of gas/liquid mixture was
maintained close to the lip of recycle cup as recommended in the patent [74] by adjusting
the valve on the product line.
The second recycle cup (see Fig. 3.4b), which is called “cup with risers” in this study,
was developed based on the designs disclosed in Patent No. 4221653 [38]. The patent
recommended installation of two or more vertical conduits in the funnel-shaped cup for
passage of the gas/liquid mixture. These conduits are called risers and they allow fluid
communication. The diameter of these cylindrical conduits should be greater that 1.27 cm
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(a) (b)
Figure 3.3: (a) Schematics of recycle cup design from U.S. patent No. 3124518 and (b)
Fabricated recycle cup
(0.5 inch) to prevent plugging. In order to improve separation efficiency, specific positioning
for the risers has been recommended. A group of risers should have lower inlet ends
extended into the gas/liquid mixture. These risers are called liquid-rich. The other risers
should intersect the surface of the funnel shape cup, but they should not extent into the
gas/liquid mixture. These risers are called gas-rich, as they receive a fluid which is richer
in gas. The total cross-sectional area of the risers should be between 10% to 50% of the
column cross-sectional area [38]. The cup with risers designed in this study contains two
liquid-rich and two gas-rich risers with ID of 3.81 cm (1.5 inches). The liquid-rich risers
extended about 5 cm below the funnel surface and into the gas/liquid mixture. The cup was
not extended to the wall of the column and an annular space of 0.25 inches was available
for the passage of the fluid. The total cross sectional area of the risers was about 45% of
the column area and the funnel angle was kept at 45◦.
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(a) (b)
Figure 3.4: (a) Schematics of recycle cup design from U.S. patent No. 4221653 and (b)
Fabricated recycle cup
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3.3.3 Gas Hold-up Measurement inside the Column
Gas hold-up in the column was obtained using a differential pressure transducer (Rose-
mount, model 3051CD2A22A1AM5C6Q4). Seven pressure ports were installed along the
column height. The ports were located in 25 cm intervals, starting at 10 cm above the
distributor plate. Assuming negligible frictional drag, the dynamic pressure drop between






where P is the pressure, ∆z is height difference between the two pressure ports and ρl and
ρg are the densities of the liquid and gas phase, respectively. As there are only gas and
liquid phases in the system, we have:
εg + εl = 1 (3.3)
Using the above equation, the liquid hold-up can also be calculated.
3.3.4 Gas Hold-up Measurement inside the Recycle Line
In order to measure gas hold-up in the recycle line a method based on the difference in
electrical conductivity of gas and liquid phases was used [212, 142, 7]. Specifically, gas
hold-up was determined by measuring the electrical impedance of a two-phase system by
properly introducing metallic electrodes in the flow. The instrument used in this study
was a precision LCR meter (Quadtech, model 1920). Gas hold-up in the recycle line was
measured at 2 kHz AC, using two pairs of electrical conductivity cells made of stainless
steel plates (2.5 cm × 1.5 cm) and mounted facing each other on opposite sides of the inner
surface of the recycle line (see Fig. 3.5). Conductance readings were made by connecting
the LCR meter to the stainless steel plates using a pair of Kelvin leads. The vertical
distance between the two pairs of cells was 90 cm. In order to increase the sensitivity of
conductance measurements, a small amount of sodium chloride (0.5 g/L) was added to
the liquid phase. Enough time was given for the system to reach steady state prior to
reading conductance values. Then, conductance readings from one pair of electrical cells
were collected for three minutes. The same procedure was repeated for the second pair of
cells. The average of readings from both pair of cells was used for further calculations. A
sample of LCR meter readings used for gas hold-up calculation in the recycle line is shown
in Appendix C.
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Figure 3.5: Top view schematics of the electrical conductivity cells mounted on the recycle
line surface.
Several expressions are proposed in the literature to relate the conductance of a gas/liquid
mixture to the conductance of liquid phase and the gas hold-up. Among those, the theoret-
ical expression proposed by Maxwell [131] has been tested and validated in several studies
especially for hold-up values of less than 20% (see Fig. 3.6) [125, 212, 7]:
Gm = Gl
1− εg
1 + 0.5 εg
(3.4)
where Gm and Gl are the conductance values of the gas/liquid mixture and the liquid,
respectively. It should be mentioned that a few studies have reported poor reliability of
this expression and recommended obtaining an empirical correlation between dispersion
conductivity and gas hold-up instead.
In order to test the accuracy of Eq.3.4, a pair of electrical cells was installed in a 100
cm long acrylic pipe similar to the recycle line (2.54 cm ID). One end of the pipe was
closed and the pipe was filled with water. Air was introduced through the pipe using a
gas sparger with openings of 100 µm. The cells were installed 50 cm above the gas sparger
in the developed region of two-phase flow. The gas hold-up in the pipe was measured
experimentally, using the difference between the height of aerated (H) and unaerated (H0)
liquid [230](Eq.3.5) and also determined from conductance measurements using Maxwell’s
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Figure 3.6: Measured and predicted dimensionless conductance as a function of liquid
hold-up [7]. (The numbers are the height of electrical conductivity cells in the reactor.)
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Figure 3.7: Accuracy of Maxwell equation in prediction of gas hold-up data in a 2.54 cm
ID acrylic pipe





It can be seen from Fig. 3.7 that the Maxwell equation predicts accurately gas hold-up
values of up to about 20%. Since gas hold-up in the recycle line is expected to be less




The multiphase process of interest here is the two-phase incompressible flow of two immis-
cible, Newtonian fluids under isothermal conditions (T = 293.15 K) in the system shown
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on Fig. 3.8. A two-fluid or Euler-Euler model [83], similar to the one described in Chapter
2, was used to model two-phase flow in this system. This model treats the phases as inter-
penetrating continua where the volume of one phase can not be occupied by the other and
the presence of each phase q is described by a phase volume fraction αq.
3.4.2 Turbulence Modeling
The flows investigated in the present study involve gas phase (air) volume fractions in the
range 5% to 20%. For this reason, the mixture k-ε turbulence model was used to compute
the Reynolds stress tensor. The complete description of the turbulence model employed
can be found in Chapter 2.
3.4.3 Initial Boundary Value Problem
The operating conditions prevailing in the experiments were reproduced with CFD sim-
ulations by enforcing specific initial and boundary conditions, as described next. The
boundaries over which conditions on the pressure, velocity, phase volume fractions, and
turbulence quantities were specified are, as shown on Fig. 3.8, walls, inlet, top, bottom,
and lateral. It must be highlighted here that only the upper portion of the real system,
shown on Fig. 3.2, was considered for modeling (see Fig. 3.8). This portion corresponds
to a total height of 0.74 m. This was done in order to reduced computational costs and is
justified because the variation of flow profiles in the ommitted bottom portion is negligible.
The physical properties of the gas and liquid phases (see Table 3.1) were assumed to be
constant.
The initial conditions associated with the mass and momentum conservation equations
(Euler-Euler) and with the turbulent kinetic energy and turbulence dissipation rate con-
servation equations of the k-ε model are stated below,
uq(x, 0) = 0, q = g, l, (3.6a)
p(x, 0) = 0, (3.6b)
αg(x, 0) = 0, for z < 0.43 m,
αg(x, 0) = 1, for z ≥ 0.43 m,
αl(x, 0) = 1− αg, (3.6c)
νt(x, t) = 0, (3.6d)
k(x, 0) = 0, (3.6e)









Figure 3.8: Three dimensional view of the computational domain V used to model the real
system. configuration with the simple cup geometry. Boundaries are defined and used to
enforce the desired operating conditions in CFD simulations.
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where the two phases are initially static (Eqs.3.6a-3.6b). The system is full of liquid at
t = 0 s up to a level slightly above the cup, where 0 ≤ z ≤ 0.43 m (Eqs.3.6c). Above this
level, 0.43 ≤ z ≤ 0.74 m, only gas (air) is present. The turbulent viscosity, kinetic energy,
and dissipation rate are initially zero (Eqs.3.6d, 3.6e and 3.6f, respectively). It should be
mentioned here that starting with this phase distribution allows for a faster convergence
to permanent flow and reduces the amount of corrections needed by the control strategy,
discussed in what follows, to set the target operating conditions.
At the walls boundary, the following conditions were imposed,
uq(x, t) = 0, on walls, q = g, l, (3.7a)
∇np(x, t) = 0, on walls, (3.7b)
∇nαq(x, t) = 0, on walls, q = g, l, (3.7c)
νt(x, t) = fµCµk
2/ε, on walls, (3.7d)
k(x, t) = u∗2/
√
Cµ, on walls, (3.7e)
ε(x, t) = C3/4µ k
3/2
N /KyN , on walls, (3.7f)
where a no-slip velocity condition is adopted for the gas and liquid phases (Eq.3.7a),
and a Neumann zero normal gradient condition for both the pressure and phase fractions
(Eqs.3.7b and 3.7c) such that n is the unit outward normal to the surface. In addition,
the k-ε turbulence model wall functions [26, 2] were used in Eqs. 3.7d, 3.7e, and 3.7f. The
parameter fµ in Eq.3.7d is a damping function whereas u
∗ (Eq.3.7e) is the friction velocity,
K (Eq.3.7f) is the von Karman constant, yN the distance from the wall to the first interior
node N , and kN the turbulent kinetic energy at N .
The boundary conditions enforced at the inlet are given as follows,




q ), on inlet, q = g, l, (3.8a)











on inlet, q = g, l, (3.8c)
νt = ν
inlet
t , on inlet, (3.8d)
k = kinlet, on inlet, (3.8e)
ε = εinlet, on inlet, (3.8f)
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where the Dirichlet uniform velocity conditions (Eq.3.8a) were imposed for both phases
such that uinletsq is the phase q superficial velocity and α
inlet
q the phase volume fraction at
the inlet. The velocity vectors uq at the entrance of the system are normal to the inlet
boundary and point inwards. The Neumann zero normal gradient condition was considered
for the pressure (Eq.3.8b). Dirichlet boundary conditions (Eq.3.8c) were adopted for phase
fraction of both phases. Dirichlet uniform boundary conditions were also used for the
turbulence quantities νt, k, and ε at the inlet (see Eqs.3.8d through 3.8f). Since the exact
values of these turbulent quantities at the inlet are unknown, it is generally assumed in the
literature of two-phase dispersed flows that the effect of these inlet values is insignificant.
In the previous chapter, the turbulence quantities at the entrance of the system were
estimated from empirical relations derived for turbulent single-phase upward flows in a
pipe [168], as relations for two-phase flows are not available. These estimations were made
using the gas volume fractions which was obtained experimentally. The approach described
in Chapter 2 was also adopted here.
It should be mentioned here that a Dirichlet pressure boundary condition at the inlet
boundary was argued to be more appropriate than the commonly used uniform velocity
boundary condition [4], because it (i) allows for the development of a gas-liquid slip velocity
at the inlet and (ii) avoids violation of the non-slip velocity condition at the wall. In
addition, it yields non-uniform flow profiles at the inlet consistent with the model governing
equations [4]. Implementation of the inlet Dirichlet pressure boundary condition, however,
requires adopting a multi-variable control strategy to set values of pinlet and αinletq , which
are unknown a priori, such that target superficial velocities are met [4]. Here, in order to
simplify the flow problem and improve numerical stability, since other control strategies
were required on the bottom and lateral boundaries as discussed below, a Dirichlet velocity
boundary condition was used instead of the pressure one. It is expected that the impact of
this simplification on the solutions is insignificant, as it was found in Chapter 2. That is,
although the type of inlet boundary conditions strongly affects the flow profiles, its impact
on the overall gas hold-up is negligible for either bubble column or two-phase upward flow
configurations.
The conditions imposed at every outlet boundary (top, bottom, and lateral) are pre-
sented below. Two distinct approaches, referred to as configurations A and B, were con-
sidered and both were implemented. The outlet boundary conditions, which are the same
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for both configurations, are as follows,
p(x, t) = ptop, on top, (3.9a)
∇nαq(x, t) = 0, on bottom and lateral, q = g, l, (3.9b)
∇nνt(x, t) = 0, on bottom and lateral, q = g, l, (3.9c)
∇nk(x, t) = 0, on bottom and lateral, q = g, l, (3.9d)
∇nε(x, t) = 0, on bottom and lateral, q = g, l, (3.9e)
where a uniform Dirichlet pressure boundary condition was considered (Eq.3.9a) at the
top boundary such that ptop corresponds to the atmospheric pressure, ptop = 101325 Pa. At
the bottom and lateral outlets, the Neumann zero normal gradient condition was imposed
for the phase fractions of both phases and for the turbulent viscosity, kinetic energy and
dissipation rate as stated on Eqs.3.9b through 3.9e, respectively.
For configuration A, outlet boundary conditions are,
∇nuq(x, t) = 0, on bottom and lateral, q = g, l, (3.10a)
p(x, t) = pbottom, on bottom, (3.10b)
p(x, t) = plateral, on lateral, (3.10c)
such that a Neumann zero normal gradient condition is enforced to the velocity of both
phases (Eq.3.10a), while Dirichlet uniform pressure conditions are imposed on the bottom
and lateral boundaries (Eqs.3.10b and 3.10c, respectively). Since the pressure values
pbottom and plateral corresponding to the target liquid superficial velocities ubottomsl and u
lateral
sl ,
respectively, are not known, a proportional integral (PI) controller is used on each of these
outlets. Implementation of the PI control is described elsewhere [4].
Simulations carried-out using configuration A are not constrained by the level of the
gas/liquid mixture in the column, showing that multiple combinations of pbottom and plateral
can satisfy the target liquid superficial velocities ubottomsl and u
lateral
sl at steady state (each
corresponding with a different level of the gas/liquid mixture within the column). This
suggests that additional constraints need to be introduced into the numerical model in
order to ensure uniqueness of the solution. Therefore, configuration B, with the following
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boundary conditions was adopted.
ul(x, t) = u
bottom
l , on bottom, (3.11a)
ul(x, t) = u
lateral
l , on lateral, (3.11b)
∇nug(x, t) = 0, on bottom and lateral, (3.11c)
∇np(x, t) = 0, on bottom and lateral, (3.11d)
In this configuration, Dirichlet liquid velocity boundary conditions were used on bottom
and lateral boundaries (Eqs.3.11a and 3.11b) to set the target liquid superficial velocities.
It must be emphasized that ubottoml and u
lateral
l require a continuous adjustment as a func-
tion of the gas volume fractions at both outlets, αbottomg and α
lateral
g , to maintain the liquid
superficial velocities at their target values. On the other hand, the Neumann zero normal
gradient condition is enforced for the gas velocity and the pressure (Eqs.3.11c and 3.11d).
This configuration allowed for a faster convergence to the fully developed flow, compared
to configuration A, since generally the PI controller require a certain time period to reach
the target values. In addition, in configuration B, the one way valves present in the ex-
perimental setup were modeled by suppressing back flow at all the outlet boundaries (top,
lateral, bottom). It should be mentioned that suppressing back flow in configuration A led
to numerical instability due to the action of the PI controllers.
3.5 Results and Discussion
3.5.1 Gas Hold-up in the Gas-Liquid System
The overall gas hold-up in the column was obtained from pressure readings as described
in section 3.3.3. The results are shown in Fig. 3.9. It can be seen that gas hold-up mainly
depends on gas velocity. Liquid velocity has a minor effect on the gas hold-up in the
air-water system. Increasing the liquid velocity from 0.019 to 0.028 m/s, reduced the gas
hold-up in the ethanol solution system by an average of 7%. As expected, the gas hold-up
values are higher in the presence of ethanol in the system. Addition of ethanol reduced
the surface tension from 0.072 to 0.055 N/m, thereby limiting bubble coalescence and
reducing the bubble size. Consequently, bubble rise velocity decreased and this resulted in
an increase in the gas hold-up values [189, 41, 62]. For the distilled water system, gas hold-
up changes significantly with gas superficial velocities of up to 0.03 m/s. For higher values
the dependence of gas hold-up on gas velocity is not as strong, which implies transition
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5 wt.% ethanol solution, u_sl =0.028 m/s
Figure 3.9: Overall gas hold-up in the column
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to the heterogeneous flow regime. Addition of ethanol delayed this transition up to a gas
velocity of about 0.05 m/s. Similar trends have been observed in previous studies [41].
As described before, gas hold-up values of up to 25% and higher, as well as foaming,
have been observed in the freeboard region of hydrocracking reactors [201, 134]. In order to
simulate high gas hold-up conditions in cold-flow systems, researchers have sought to limit
bubble coalescence by introducing surface-active components into the liquid phase. Both
aqueous alcohol solutions [53, 198] and commercial surfactants have been used [204]. A
5wt.% ethanol solution was used in this study in order to test the efficiency of recycle cups
under gas-hold up conditions resembling industrial operation. It can be seen from Fig. 3.9
that hold-up values of about 30% was obtained while using gas velocities of up to 0.1 m/s.
A similar range of gas hold-up values was reported in the freeboard region of the AMOCO
cold-flow EBRs (ID of 1.2 m) using kerosene and nitrogen [31, 45, 134]. Also, significant
foaming was observed in the system when operating with ethanol solutions especially at
gas velocities of over 0.05 m/s. It should be noted that changing the recycle ratio (Rr),
did not have an effect on the gas hold-up in the column. Therefore, the data shown in Fig.
3.9 are valid for all the recycle ratios tested in this study.
3.5.2 Gas Hold-up in the Recycle Line
Gas hold-up data in the recycle line was measured and used to establish the efficiency of the
recycle cups in gas/liquid disengagement. Fig. 3.10 shows the gas hold-up in the recycle
line for both simple cup and cup with risers operating with usl of 0.019 m/s and recycle
ratio of 0.5. For the simple cup, gas entrainment in the recycle line was observed even for
the smallest gas superficial velocity. As a result of foaming and higher gas hold-up in the
column operating with the ethanol solution, more gas was entrained in the recycle line. As
the gas velocity increased to more than 0.03 m/s, the gas hold-up values in the recycle line
became higher than the hold-up values in the column, corresponding to complete failure
of the cup to separate gas from liquid. Uncertainty measurement is seen to increase as a
result of unsteady flow patterns in the recycle line at higher gas hold-ups. The cup with
risers demonstrates superior performance in gas/liquid disengagement. For the system
of distilled water, over the entire range of gas velocities, gas hold-up in the recycle line
remained below 1.5%. When ethanol was added to the system, especially for gas velocities
of over 0.05 m/s, gas entrainment started to increase. As discussed before, a thick layer
of foam was observed in the column for gas velocities of 0.05 m/s or higher. These data
confirm that foaming can negatively affect the performance of recycle cups. The cup
with risers did not fail even at very high gas velocities and the gas hold-up in the recycle
line remained below 10%. The presence of conduits with inlet ends within the gas/liquid
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Figure 3.10: Gas hold-up in the recycle line for usl = 0.019 m/s and Rr = 0.5
mixture and outlet ends at different levels made a vapor rich stream to pass through the
conduits which terminate at a higher level (gas-rich conduits). The gas discharged in the
region above the lip of the cup and left from the top outlet. Consequently, the liquid rich
stream, entered the conduits that end inside the funnel, therefore, collected and discharged
lower than the lip of the cup [38].
The effect of the inlet liquid velocity on the gas entrainment was also studied. For the
ethanol solution system, the entrained gas hold-up in the recycle line of cup with risers
is shown in Fig. 3.11 for the two liquid velocities of 0.019 and 0.028 m/s and for recycle
ratios of 0.33 and 0.7. It can be seen from the figure that at the higher liquid velocity, gas
has less time to escape from liquid and therefore the recycle line gas hold-up is generally
higher. The effect becomes more notable as the gas velocity increases. Similar behavior
was also reported by Devanathan et al. [45] in the AMOCO cold-flow unit. They observed
that the gas hold-up in the recycle line doubled while increasing the inlet liquid velocity
from 0.026 to 0.037 m/s.
In an industrial hydrocracking system a certain fraction of the liquid phase is being
recycled using an ebullating pump to control the expansion and motion of catalyst particles
in the three-phase section. The fraction of liquid being recycled or the recycle ratio can
affect the amount of the entrained gas in the recycle line and consequently the gas hold-
up in the reactor [134, 108]. To investigate the effect of recycle ratio on the gas/liquid
separation in this study, three different ratios for each inlet liquid velocity were tested.
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Figure 3.11: Gas hold-up in the recycle line of the cup with risers for 5wt.% ethanol solution
system and for (a)Rr = 0.33 and (b)Rr = 0.7
The results for the ethanol solution system and for usl of 0.019 m/s are presented in Fig.
3.12. It is apparent from the figure that gas entrainment increases with increasing recycle
ratio. The greater velocity of liquid in the recycle line traps more bubbles into the recycle
stream. The effect of recycle ratio is more prominent in the simple cup as compared to the
cup with risers, in which gas hold-up changes only slightly as the recycle ratio increases
from 0.5 to 0.7. This relative insensitivity is advantageous since the system is able to
operate at higher recycle ratio without adverse effects on conversion.
3.5.3 Prediction of Gas Hold-up with the Eulerian Model
The Eulerian model described in section 3.4 was used to predict the gas hold-up in the
column and in the recycle line of the system with the simple cup. We simulated both air-
water and air-5wt.% ethanol systems operating with usl = 0.019 m/s (Q
inlet
l = 20 L/min),
usg = 0.03 m/s (Q
inlet
g = 29.3 L/min) and for Rr = 0.33 (Q
recycle
l = 6 L/min). The cases
simulated are shown in Table 3.2. For the air-water system, the bubble diameter of 2.7± 0.5
mm found in the dispersed flow regime through image analysis (see Chapter 2) was taken
as the base case. Similar measurements were not made in the system with 5wt.% aqueous
ethanol solution, since the presence of ethanol rendered image analysis very inaccurate.
Using electrical conductivity and optical probes, several literature studies have measured
the bubble size distribution in gas-liquid flows with various concentrations of ethanol in
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Figure 3.12: Gas hold-up in the recycle line for 5wt.% ethanol solution system at usl =
0.019 m/s for (a) simple cup and (b) cup with risers
water [189, 153]. Considering the findings of these studies, the average bubble size was
estimated to be between 1 and 1.5 mm for dispersed flow in the air-5wt.% ethanol system.
First, we simulated the air-water system with the Eulerian model using the pressure
boundary condition at both lateral and bottom outlets (configuration A) and the average
bubble diameter obtained experimentally (2.7 mm). Fig. 3.13 illustrates convergence of
the simulation using the PI controller. In this case (case no. I in Table 3.2), the model
predicts the gas hold-up in the column with high accuracy (3.5% error), but fails to predict
any gas hold-up in the recycle line. The simulation predicts instead complete separation
of the gas and liquid phases at the top of the cup with no gas entering the recycle line. As
noted previously, prescribing the boundary conditions of configuration A leads to multiple
steady state solutions, each corresponding with a different level of the gas/liquid mixture
in the column. Here, the correct level of gas/liquid mixture was obtained by trial and error
and the results are shown in Figs. 3.14 and 3.15. It can be seen from the figures that due
to the sudden changes in the cross sectional area around the cup, a recirculation occurs
above the cup and the velocity streamlines became larger and took toroidal shape. Such
recirculation enhances gas/liquid segregation above the cup. Also all the gas entered the
column left from the top outlet only.
The air-water system was subsequently modeled using the velocity boundary condition
at th bottom and lateral outlets (configuration B). This choice resulted in much faster


































































































































































































































































































































































Figure 3.13: Convergence of the simulation with pressure boundary condition (configura-
tion A), usl = 0.019 m/s, usg = 0.03 m/s, Rr = 0.33, db = 2.7 mm.
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Figure 3.14: Gas volume fraction color map in the air-water system with simple cup
(configuration A), usl = 0.019 m/s, usg = 0.03 m/s, Rr = 0.33, db = 2.7 mm.
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Figure 3.15: Mixture velocity vector field scaled with the local velocity magnitude and
colored by the gas phase volume fraction, in the air-water system with simple cup (config-
uration A), usl = 0.019 m/s, usg = 0.03 m/s, Rr = 0.33, db = 2.7 mm.
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of 2.7 mm (case no. II) again the model predicted the gas hold-up in the column accurately.
However, as shown in Fig. 3.16, the simulation predicted no gas in the recycle line. Instead,
the gas phase was predicted to exit the system from the top and lateral outlets, which was
not observed in the experiments. Also, it can be seen that the predicted Qtopg is smaller
compared to case I, which confirms that part of gas left from the lateral outlet. In order to
assess the effect of average bubble diameter on the predictions of the Euler-Euler model, the
air-water system with simulated again using an average bubble diameter of 2 mm (case no.
III). It was observed that making the bubble diameter smaller, resulted in over-prediction
of the gas hold-up in the column (14% error), while again all the gas left from the top and
lateral outlets. These results strengthen the conclusions reached in the previous chapter,
namely that the Eulerian model can provide accurate predictions of the gas hold-up in the
dispersed flow regime using an experimentally-determined bubble size.
The air-ethanol solution system was also simulated using the Eulerian model with
boundary conditions as prescribed in configuration B. Two simulations were carried out
in which the average bubble diameter was 1.5 and 1 mm and are referred to as cases no.
IV and no. V, respectively. As can be seen from Table 3.2, the gas hold-up is quite
sensitive to bubble size. Simulations with average bubble size of 1 mm provide a more
accurate prediction of gas hold-up in the column. Again, no gas hold-up was predicted in
the recycle line, as all the injected gas left from the top and lateral outlets.
Considering the numerical difficulties and computational complexities associated with
controlling the level of the gas/liquid mixture in a system with three outlets (top, lateral,
bottom), the following simplification of the system was investigated. Specifically, the com-
putational domain was simplified by sealing the lateral outlet and carrying out simulations
using the Eulerian model for the cases listed in Table 3.3. It should be noted that in Table
3.3, configurations A and B refer to the simplified system with the pressure and velocity
boundary conditions on the bottom outlet. Since the lateral outlet is ignored in these
simulations, the inlet liquid and gas flow rates must be reduced by subtracting the flow
rates of liquid and gas leaving from the lateral outlet. In the experimental runs, for Qinletl
of 20 L/min and the Rr of 0.33, Q
recycle
l was set to 6 L/min and consequently Q
lateral
l was
14 L/min. Therefore, for the simulation in system without lateral, the inlet flow rate was









The Qinletg and Q
top
g were measured experimentally. To calculate Q
recycle
g , it was assumed
that the slip velocity in the recycle line is zero. Therefore, given the experimentally de-
termined value of the gas hold-up in the recycle line, Qrecycleg can be calculated from the
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Figure 3.16: Gas volume fraction color map in the air-water system with simple cup









As an example, for the air-water system at the operating conditions of interest, εrecycleg
equals 0.061, and using Eq.3.13, Qrecycleg is calculated to be 0.4 L/min. Considering that
Qinletg and Q
top
g are equal to 29.3 and 27 L/min, respectively, Q
lateral
g is calculated to be 1.9
L/min. Therefore, for the simulations without lateral outlet the inlet gas flow rate was set
to 29.3− 1.9 = 27.4 L/min.
The predictions of the Eulerian model for the system with sealed lateral outlet are
summarized in Table 3.3. For both air-water and air-ethanol solution systems, the Eulerian
model provides accurate predictions of gas hold-up in the column, suggesting that the
assumption of no slip in the recycle line was a reasonable one. However, even with a
simplified computational domain, the model fails again to predict any gas hold-up in the
recycle line. In all the studied cases, all the gas introduced to the system, leaves from the
top outlet and Qtopg is Q
inlet
g . A typical illustration of the results is provided in Fig. 3.17,
which depicts the gas hold-up in the air-ethanol solution system (case no. IX).
Juxtaposition of the Eulerian model’s consistent success to predict the average gas
hold up in the column to its consistent failure to predict gas hold-up in the recycle line
invites two hypotheses. One is related to the appropriateness of the model to accurately
represent multiphase flow physics at the length scales of interest. Specifically, the Eulerian
model treats phases as inter-penetrating continua, necessitating that discretization of model
equations must be such that each cell of the computational domain contain fractions of
both continuous and dispersed phases. This implies that the minimum size of a cell (mesh
grid) must be larger than a bubble [137]. This requirement is not uniformly met in the
simulations described in this chapter, as the mesh in regions close to the recycle cup and
inside the recycle line contains cells of size smaller than 1 mm, whereas cell size was at
least 3 mm elsewhere. Considering the size of bubbles used in the simulations (1 to 2.7
mm), it is plausible that the failure of the Eulerian model to predict accurately the gas
hold up in these parts of the system is the result of discretization that is so coarse that
a basic tenet of the model is invalidated. This hypothesis can be tested by carrying out
simulations in a scaled-up version of the system, subject to constraints of dynamic and
geometric similitude. A second hypothesis is motivated by considerations of significant
differences in hydrodynamic conditions near and into the recycle cup, which might result
in bubble size reduction. This hypothesis can be tested only by experiment, for example,






























































































































































































































































Figure 3.17: Gas volume fraction color map in the air-5wt.% ethanol solution system with
simple cup (configuration B), usl = 0.019 m/s, usg = 0.03 m/s, Rr = 0.33, db = 1 mm.
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3.6 Conclusion
In this study, experiments were conducted in a pilot scale EBR to investigate the per-
formance of two patented recycle cups (internal gas/liquid separator) over a wide range
of operating conditions. Gas hold-up in the recycle line was measured using two pairs of
electrical conductivity cells and used to compare the ability of the recycle cups to assist
gas/liquid disengagement. It was found that the addition to the simple frustoconical shape
recycle cup of two or more vertical conduits (risers) with inlet and outlet at different lev-
els, improved significantly the separation efficiency. Increasing the inlet liquid flow and/or
the recycle ratio increased the gas hold-up in the recycle line. Foaming also had a nega-
tive impact on the performance of the internal gas/liquid separators. The findings of this
study revealed that using a pilot scale system and cost-effective 3-D printing technology,
various designs of recycle cup can be created and tested under high gas hold-up condi-
tions. These tests make it possible to screen different designs prior to implementation in
the commercial EBRs. Numerical simulation of the pilot scale system using the two-fluid
Euler-Euler model resulted in accurate predictions of the overall gas hold-up inside the
column. However, the model failed to predict the gas hold-up inside the recycle line. For
all the studied cases, all the introduced gas, left from the top and/or lateral outlets. Such
results are hypothesized to be the result of small computational cells or mesh grids used
in the simulations. Simulations in larger computational domains are required to test the
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4.1 Synopsis
Experimental measurements of the average gas hold-up, a key parameter in the design and
operation of three-phase (gas-liquid-solid) fluidized beds, are extracted from a multitude of
published studies, classified and correlated for the first time. A simple functional, based on
power-law dependence of the average gas hold-up on a number of dimensionless variables,
successfully correlates gas hold-up during gas flow in fluidized beds of spherical particles
with pure water as the liquid phase. Best-fit parameters of such a functional result in
prediction of more than 75% of the data with absolute relative error less than 20%, but are
shown to depend on the morphology of three-phase flow and may be difficult to generalize.
89
4.2 Introduction
Three-phase fluidized beds are frequently employed for catalytic reactions in chemical pro-
cesses such as the upgrading of heavy oils [163, 145], Fischer-Tropsch synthesis [180, 102]
and wastewater treatment [160, 191]. A key parameter in the analysis of three-phase (gas-
liquid-solid) fluidized beds is the fraction of bed volume occupied by gas, otherwise known
as the gas hold-up. Knowledge of the gas hold-up enables the estimation of gas-phase
residence time and pressure drop within a fluidized bed. In combination with knowledge
of the average bubble diameter, it underpins the estimation of gas-liquid interfacial area
associated with inter-phase mass and heat transfer [179]. Design, optimization, and con-
trol of three-phase fluidized beds, especially under transport-limited conditions, is thus
critically dependent on knowledge of gas-hold up as a function of bed characteristics and
operating conditions [53]. Last but not least, validation of CFD models of hydrodynamics
in fluidized bed reactors also requires gas hold-up data [144].
The fractional volumetric content (hold-up), as well as the morphology (bubble shape
and size distribution), of the gas phase in a three-phase fluidized bed is the outcome of
momentum exchange between the gas, liquid and solid phases in motion. Qualitative de-
scriptions of the flow regimes commonly encountered (e.g., dispersed, coalesced or slug
flow) have been provided on the basis of visual observations [141, 198, 55] or indirect mea-
surements [190], but the complexity of the hydrodynamic conditions has so far precluded
ab initio prediction of the gas hold up. Instead, the design of gas-solid-liquid fluidized
bed reactors has generally relied on empirical methods [53, 203] grounded on correlations
which are informed by dimensional analysis and dynamic similitude [44]. Such correlations
are typically derived from experimental data of average gas hold-up obtained under non-
reactive cold-flow conditions from measurements of the axial pressure distribution in long
columns [44, 161, 176, 151].
Numerous experimental studies have focused on the discovery of empirical correlations
between the average gas hold-up, measurable operating parameters and bed characteristics.
A comprehensive list of earlier contributions may be found in the reviews of Shah et al.
[188] and Fan [53]. More recent work in this area [176, 161, 86, 88, 89, 87, 195, 152]
has focused on correlations of gas hold-up as a function of either individual parameters
(superficial gas/liquid velocities, liquid properties, particle diameter, column diameter,
etc.) or combinations of them in the form of dimensionless groups. Table 4.1 summarizes
the operating parameters which have been commonly used to correlate the average gas
hold-up in three-phase fluidized beds. Notable in Table 4.1 is the absence of any direct
measure of bubble size or gas density.
For slurry bubble columns, which by comparison to three-phase fluidized beds are
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Table 4.1: Variables commonly used to correlate gas hold-up in three-phase fluidized beds.
Variable Symbol Unit
Liquid velocity usl m s
−1
Gas velocity usg m s
−1
Liquid viscosity µl Pa s
Liquid surface tension σg,l N/m
Liquid density ρl kg/m
3
Particle diameter dp m
Particle density ρp kg/m
3
Column diameter Dc m
Gas phase buoyancy g(ρl − ρg) kg/(m2s2)
characterized by much smaller solid particle sizes (< 0.1 mm) and low solid volume fractions
(< 0.1), a compilation and meta-analysis of experimental gas hold-up data from a multitude
of literature sources has been provided by Behkish et al. [14]. To our knowledge, a similar
effort for gas hold-up in three-phase fluidized bed systems has been undertaken only by
Larachi et al. [109]. These authors used an artificial neural network (ANN) approach in
an attempt to develop a unified correlation for gas hold-up in three-phase fluidized bed
systems.
In this communication we gather and correlate experimental data of average gas hold-
up in fluidized beds published in the past 40 years. Hypothesizing that the prevailing flow
regime imparts a non-random component to the variability of gas hold-up data, we first
classify the experimental observations as suggested by Muroyama and Fan [141]. Although
the idea of different correlations for different flow regimes is not new (see also Krishna et
al. [103] and Song et al. [198]), determining the transition point and conditions remains a
challenge.
We find that the correlations describing gas hold-up in the dispersed and coalesced
flow regimes are different. Improved correlations are obtained by considering gas hold-up
in systems characterized by small values of the particle Reynolds number (Rep ≤ 200)
separately from systems characterized by Rep > 200. For both kinds of systems, more
than 75% of the experimental observations are predicted by the correlations with absolute
relative error less than 20%. Consideration of the average bubble size is shown to improve
these correlations only marginally, whereas directly accounting for the density of the gas
phase is necessary in order to describe gas hold-up in fluidized beds operating at high




From 1399 experimental measurements of gas hold-up in three-phase fluidized beds [136,
198, 138, 161, 176, 41, 164, 89, 87, 88, 195, 86, 151], we select a subset of 342 measure-
ments made in systems involving only spherical particles and pure water as the liquid
phase [136, 138, 161, 41, 164, 89, 87, 86, 151]. This choice is motivated by a key hypothesis
in this work, namely that the average gas hold-up exhibits a complex dependence on the
distribution and morphology of the gas phase (i.e. on the flow regime) which cannot be
reduced to a simple functional of a small number of variables (see Table 4.1). In a seminal
contribution, Muroyama and Fan [141] have described three main regimes of multiphase
flow (dispersed, coalesced and slug flow) in gas-liquid-solid fluidized beds. On the basis
of visual observations made on systems involving spherical particles and pure water as
the liquid phase, these authors have provided a map that could be used to classify the
aforementioned 342 measurements (see Fig. 4.1). Using this map, 280 gas hold-up mea-
surements reported in seven different studies [136, 41, 164, 89, 87, 86, 151] are classified as
corresponding to the dispersed flow regime. These data, notably include 63 measurements
of gas hold-up in fluidized beds operated at pressures higher than atmospheric (up to
6.5 MPa). By comparison to the other regimes, the dispersed flow regime is characterized
by limited bubble coalescence, smaller bubble size and more uniform bubble size distribu-
tion [53]. Mass transfer in three-phase fluidized beds has been predominately investigated
in this regime [53]. In addition to the variables summarized in Table 4.1, the gas density
(ρg) and the mean bubble diameter (db) are also considered.
Accounting for the gas density [175, 86] in the form (ρl − ρg) may be sufficient if
the intent is to correlate gas hold-up in atmospheric systems, but may otherwise mask
the effect of pressure. Inclusion of gas density as an independent parameter has been
recommended for correlating gas hold-up observations made in fluidized beds operated at
different pressures [121, 175]. Additionally, the size of bubbles has been linked to gas hold-
up, bed expansion and bed mixing in fluidized beds [113, 198], but the standard approach
has been to assume that it is dependent on operating parameters and thus implicitly
accounted for in gas hold-up correlations [175]. In any case, measurement of the size
of bubbles within a fluidized bed is not a straightforward task. Using a conductivity
probe [176], for example, one may determine a chord-length distribution, as bubbles of
different sizes are intersected by the probe at different locations. Assuming the bubbles are
spherical, the underlying bubble size distribution may be then recovered using methods of
quantitative stereology [211]. Since the gas hold-up data analyzed here are not accompanied
by measurements of bubble chord length, consideration of bubble size must rely on an
alternative approach, as explained below.
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On the basis of experimental measurements, the radial distribution of time-smoothed










where lv(r) is the time-smoothed chord length at radial position r, lvc and lvw are the
time-smoothed bubble chord lengths at the center (r = 0) and wall (r = R) of the fluidized
bed, respectively, and m is an empirical parameter. The values of lvc, lvw and m have been
correlated to particle size and fluid velocities as follows (where all quantities are in SI units
and m is unitless) [226],
lvc = 2.667× 10−3d−0.3p u−0.072sl u
0.221
sg (4.2)
lvw = 4.295× 10−3d−0.129p u−0.060sl u
0.124
sg (4.3)
m = 3.77d0.121p (4.4)
Given usl, usg and dp, we estimated lvc, lvw and m from the above equations and subse-








Finally, assuming that local chord-length measurements follow a Rayleigh probability dis-
tribution [100, 116, 118],
P (lv, σr) = (lv/σr)e
−l2v/2σ2r (4.6)




we reconstructed the underlying bubble diameter distribution using Spektors’ transforma-
tion method [211], obtaining in this manner an estimate of the mean bubble diameter for
each measurement of gas hold-up analyzed.
Expanding the set of independent variables (see Table 4.1) to eleven by including the
gas density and average bubble diameter and applying the Buckingham Pi theorem [218] we
obtain the eight dimensionless groups shown in Table 4.2. Gas hold-up data are assumed



















Table 4.2: Dimensionless groups used in this study.
Name Symbol Expression
Liquid-phase Reynolds number Rel (ρlDcusl)/µl
Liquid-phase Weber number Wel (ρlDcu
2
sl)/σl
Liquid-phase Froude number Frl (u
2
slρl)/(g∆ρDc)
Gas-liquid density ratio βg ρg/ρl
Solid-liquid density ratio βp ρp/ρl
Scaled particle diameter dr dp/Dc
Scaled bubble diameter γb db/Dc
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Figure 3. The Flow Regime Diagram for the Cocurrent Gas-Liquid-Solid Fluidized Bed. 
countercurrently to the liquid forming discrete bubbles in the bed. 
As shown in Figure 4, four distinct flow regimes-fixed bed with 
dispersed bubble regime, bubbling fluidized bed regime, transition 
regime, and slugging fluidized bed regime-can be distinguished 
for Mode II-a fluidization (Fan et al., 1982a,b). 
In the Mode II-b operation (TCA operation), an irrigated bed 
of low-density particles is fluidized by the upward flow of gas as 
a continuous phase. When the bed is in a fully fluidized state, the 
vigorous movement of wetted particles gives rise to excellent gas- 
liquid contacting. The gas and liquid flow rates in the TCA are 
much higher than those possible in conventional countercurrent 
packed beds, since the bed can easily expand to reduce the hy- 
drodynamic resistances. Flow regimes in a TCA for a specific 
packing are given in Figure 4. 
The state of gas-liquid-solid fluidization is strongly dependent 
on the geometry of the bed, methods of gas-liquid injection, and 
the presence of a retaining grid or internals. This is exemplified 
by the operation of a tapered fluidized bed, spouted bed, semi- 
fluidized bed, and draft tube spouted bed. The tapered fluidized 
bed uses a tapered column which diverges at a small angle in the 
upward direction (Scott et al., 1975, 1976 Holladay et al., 1978a,b). 
The upper part of the bed is at or near the state of incipient fluid- 
ization and behaves similarly to the packed bed part of the semi- 
fluidized bed. The hydrodynamic characteristics were experi- 
mentally studied by Pitt et al. (1978). In a spouted bed, gas and 
liquid are introduced into the bed through a gas-liquid injector 
located at the bottom of the bed. The solid particles in the core area 
are carried by the fountain and separated from the liquid at the 
surface of the fountain. The solid particles then move downward 
in the annular area. Like the Mode I-a operation, four different 
flow regimes can also be observed in three-phase spouted bed op- 
eration. 
The semifluidized bed is formed when a mass of fluidized par- 
ticles is compressed against a porous restraining grid resulting in 
the creation of a fluidized bed and a fixed bed in series within a 
single vessel. The flow regimes which occur in the countercurrent 
three-phase semifluidized bed operation resemble those for the 
Mode II-a operation of three-phase fluidization. 
HYDRODYNAMICS OF GAS-LIQUID-SOLID FLUIDIZATION 
Cocurrent Gas-Llquid-Solid Fluidization 
Pressure Drop and Phase Holdup. A schematic diagram of the 
cocurrent three-phase fluidized bed reactor or the Mode I-a 
fluidized bed reactor is shown in Figure 5. The reactor consists of 
three main sections: the gas-liquid distributor section, the three- 
phase fluidized bed section, and the disengagement section. The 
disengagement section serves to settle the particles erupted into 
the dilute phase by the bubble. In the fluidized bed section, the solid 





The following relationship holds among individual holdups: 
Eg + €1 + es = 1 (2) 
Under the steady-state condition, the total axial pressure gra- 
dient (static pressure gradient) at any cross section in the column 
AlChE Journal (Vol. 31, No. 1) January, 1985 Page 5 
Figure 4.1: Flow regime diagram for co-current three-phase fluidized beds proposed by
Muroyama and Fan [141]. Rep inted with permission from . Copyright (1985) John Wiley
& Sons, Inc.
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where ci are constants to be determined from a solution to a multiple linear regression
model using the least squares method [139]. Functional forms of this kind have been
previously fitted to limited experimental data [176, 161, 86, 88, 89, 87, 195].
In order to compare the models found for a specific set of data, Akaike’s information
criterion (AIC) [30, 117] was calculated for each model,
AIC = n log(σ2ε ) + 2K (4.9)
where n is the sample size, K is the number of estimated parameters included in the




where SSR is the sum of squared differences between observations and model predictions.
For relatively small sample sizes (i.e. n/K < 40) a corrected form of AIC is used,




The best model is the one with the lowest AIC (or AICc). The AIC penalizes for the
addition of parameters, and selects a model that fits well but has the minimum number
of parameters. Two measures associated with the AIC are used to compare models. One
is the delta AIC of the model (∆i), which is a measure of each model relative to the best
model [30], and is calculated as:
∆i = AICi − AICmin (4.11)
where AICi is the value for the model i and AICmin is the value for best model. The other
is the Akaike weight (ωi), which provides another measure of the strength of evidence for
each model and represents the ratio of ∆i values for each model relative to the complete








4.4 Results and Discussion
Here, the performance of different correlations is compared in terms of the coefficient of
correlation (R2), average absolute relative error (AARE), ∆i and ωi. The results are
summarized in Table 4.3-4.4 and discussed below.
In the first step, all the 342 data points from various flow regimes are fitted to Eq.
(4.8), with (Eq. (4.13)) and without (Eq. (4.14)) the parameter accounting for bubble size
(γb). In either case (Eqs. (4.13),(4.14)), the R
2 and AARE are 0.79 and 21%, respectively.
About 35% of the experiential data points, however, are predicted with absolute relative
error of greater than 20%.
As can be seen in Table 4.3, inclusion of the parameter accounting for the bubble size
seems unnecessary. This supports the original suggestion by Safoniuk et al. [175], that the
dependence of gas hold-up on bubble size is captured by other operating parameters such
as gas superficial velocity, particle diameter, etc.
Next, the gas hold-up data were classified based on the flow map (Fig. 4.1) into
dispersed and non-dispersed subsets. Two correlations were developed for each subset:
dispersed/coalesced flow (Eq. (4.15))/(Eq. (4.16)) without γb and for dispersed/coalesced
flow (Eq. (4.17))/(4.18)) including γb. Each of these two sets of correlations corresponds
to an individual model and thus may be compared in the context of Akaike’s information
criterion. Some improvement in the values of R2 and AARE compared to the single
correlations mentioned above is evident for systems in the dispersed flow regime.
Past studies focused on three-phase flow regime classification [146, 42, 55] have pointed
to a significant effect of particle size on flow morphology. Ostergaard [146] performed
flow regime studies using glass particles with diameters 1 mm and 6 mm and found that
relatively small particles (≤ 1 mm) were associated with large coalesced bubbles, whereas
larger particles (> 2.5 mm) were associated with small uniform bubbles. Darton [42]
reported intense bubble coalescence in systems with glass bead particles < 2.5 mm. It
was observed in three-phase fluidized beds of small particles that large bubbles moved as
a homogeneous fluid of high viscosity, while small bubbles within beds of large particles
moved through the bed as in a pure liquid containing obstacles (the solid particles) around
which they traveled. Lastly, Zhang et al. [229] observed a significant decrease in the region
of the coalesced flow regime in beds with 4.5 mm glass beads particle compared to beds
with 1.5 mm particles.
On the basis of these considerations, and in line with our initial hypothesis that the
complex dependence of gas hold-up on three-phase flow morphology may be difficult to
reduce to a simple functional (viz., Eq. (4.8)), we also split the 342 gas hold-up data in
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two groups depending on particle size (dp > 2.5 mm and dp ≤ 2.5 mm). Eqs. (4.19) and
(4.20), which do not contain γb, and Eqs. (4.21) and (4.22), which contain γb, make up the
two models to predict the gas hold-up for this classification. The obtained R2 and AARE
values for these models (see Table 4.3) demonstrate considerable improvement compared
to those based on flow regime classification using the flow map of Muroyama and Fan [141].
The magnitude of ∆i is also reduced significantly.




using Rep = 200 as the cutoff value, which also corresponds to a transition in the drag
coefficient Cd for single free-falling spherical particles in a fluid [75]. This results in a
group with 156 data points for the systems with Rep ≤ 200 and 186 data points for
Rep > 200. Two models, one without γb (Eqs. (4.23) and (4.24)) and one containing all
the dimensionless groups (Eqs. (4.25) and (4.26)) were developed and are shown in Table
(4.4). As can be seen from the table, these models demonstrate the highest R2 values (up
to 88%) and lowest AARE values (about 15%) among all the developed models. They also
result in the lowest ∆i values, with the one without γb identified by Akaike’s analysis as
the best model.
Parity plots comparing the experimentally measured gas hold-up to the predictions of
Eqs. (4.23) and (4.24) are shown in Figs. 4.2a–4.2b. Satisfactory agreement across the
range of gas hold-up measurements is observed - a significant improvement compared to
previously published correlations.
It is worth noting that the experimental data include gas hold-up measurements from
systems operated at pressures higher than atmospheric and up to 6.5 MPa. The increased
accuracy of the presented generalized correlation is in part due to the inclusion of gas
density in the correlation (via the parameter associated with βg). Gas hold-up in high
pressure systems is predicted by Eq. (4.23) or Eq. (4.24) with AARE of 15%. On the
contrary, the correlations lacking the βg term, predict gas hold-up in high pressure systems
with AARE of 19%.
Application of Eqs. (4.23) and (4.24) to predict the gas hold-up in three-phase systems
involving non-spherical particles or a liquid other than pure water (1057 measurements)
resulted in AARE of more than 55%, a result indicative of the limitations of the simple
functional, Eq. (4.8), to describe gas hold-up across the full spectrum of bed characteristics
and operating conditions. Indeed, even the sophisticated ANN approach used by Larachi
et al. [109] does not provide predictions of much better accuracy. This is demonstrated in
Figure 4.3, which compares predictions of gas hold-up in experimental systems involving
pure water, gas and spherical particles and not available to Larachi et al. [109] at the time
of publication of their work, to predictions obtained using Eqs. (4.23) and (4.24) of this
study. The obtained AARE was 16.5% for the correlations developed in this study and
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Dargar and Macchi (2006)
Rudkevitch and Macchi (2008)
Pjontek and Macchi (2014)
Jena et al. (2008)
Jena et al. (2008b)
Michelsen and Ostergaard (1970)
Ramesh and Murugesan (2002)
(a)
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Pjontek and Macchi(2014)
Jena et al. (2008b)
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Jena et al. (2010)
Miura and Kawase(1997)
(b)
Figure 4.2: Plots of the literature gas hold-up data (experimental) versus calculated gas
hold-up (correlation) for (a) small particle Reynolds number systems (Eq. (4.23)) and (b)
large particle Reynolds number systems (Eq. (4.24)). Dashed lines indicate error of ±20%.
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Larachi et al. (2001)
Figure 4.3: Comparison of gas hold-up predictions by Eqs. (4.23) and (4.24) against
predictions from the ANN tool developed by Larachi et al. [109]. Dashed lines indicate
error of ±20%.
48.5% for the one developed by Larachi et al. [109]. These comparisons suggest a gap in
fundamental understanding of the three-way hydrodynamic interactions between bubbles,
solid particles and a continuous liquid phase.
4.5 Conclusion
A meta-analysis was performed on experimental data of average gas hold-up in gas-solid-
liquid fluidized beds published in numerous studies over the past 40 years. The analysis
succeeded in developing statistically significant and acceptably accurate correlations for
99
the prediction of average gas hold-up in systems involving spherical particles and pure
water as the liquid phase. Consideration of average bubble size was found to improve
these correlations only marginally. Consideration of the gas density as an independent
variable was found to improve significantly the prediction of gas hold up in high pressure
systems. At the same time, the analysis illustrated the limitations of a simple functional to
approximate the outcome of complex momentum transfer in a three-phase fluidized bed.
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Effect of Particle Wettability on the
Hydrodynamics of Three-Phase
Fluidized Beds Subject to Foaming
Amir Mowla, Marios A. Ioannidis
The contents of this chapter are being submitted for publication in Powder Technology.
5.1 Synopsis
We studied the effect of particle wettability on the hydrodynamics of gas-liquid-solid flu-
idized beds in a cold-flow pilot scale setup. Overall phase hold-up data in the bed region
and in the freeboard (solid-free) region was measured and compared for the systems op-
erating with hydrophobic and hydrophilic glass beads. Experiments were conducted in
air-water as well as air-5wt.% ethanol aqueous solution systems. It was observed that
rendering the particles hydrophobic resulted in more than 20% decrease in the overall gas
hold-up in the bed region. Attachment of bubbles to particles and formation of bubble-
particle agglomerates with lower apparent density compared to the bare particles is found
as the main reason of such gas hold-up reduction. Due to the lower density of these ag-
glomerates, they have lower tendency toward bubble break-up, in turn, larger bubble size
distribution is expected in the bed of hydrophobic particles. The extension of such larger
bubbles into the freeboard region, was also found to reduce the foam thickness above the
freeboard region in the air-ethanol solution system. According to the semi-empirical mod-
els on dynamics of foam formation, foam thickness is inversely proportional to the bubble
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size. The models predicted that the bubble size in the freeboard region of the system with
hydrophobic particles is about 15% greater than the system of hydrophilic particles.
5.2 Introduction
Three-phase fluidized beds are frequently employed for catalytic reactions in chemical pro-
cesses such as upgrading of heavy oils [163], Fischer-Tropsch synthesis [102, 180], wastew-
ater treatment [191], coal liquefaction [101] and methanol production [205]. They are
well-known for promoting contact among the gas, liquid and solid phases, thus facilitating
heat and mass transfer. Various aspects of three-phase fluidized beds have been studied
extensively and described in several books and reviews [146, 51, 141, 53]. In gas-liquid-solid
fluidized beds, bubble dynamics affect the hydrodynamics as well as the rate of reactions
significantly. A bubble size distribution is understood to emerge from the interactions
between bubbles and particles [224]. In this context, not only the bulk but also the sur-
face properties of the solid particles and bubbles play a role in determining the behavior
of these systems [23, 210]. To date, studies investigating the hydrodynamics of three-
phase fluidized beds have involved particles that are strongly wetted by the liquid phase
[124, 41, 151, 87, 88, 195] with very few exceptions.
Bhatia et al. [23] compared the hydrodynamics of 1 mm wettable and non-wettable
(coated with Teflon) glass beads in an air-water system. They reported that when gas is
introduced in the bed of the Teflon-coated particles, the bed expanded, whereas an initial
bed contraction was observed for the case of wettable particles. Armstrong et al. [11] stud-
ied a bed of 6 mm Teflon-coated glass beads in an air-water system. They reported smaller
values of the gas hold-up in the three-phase system comprising hydrophobic particles as
compared to hydrophilic ones. Adhesion of bubbles to hydrophobic particles was also ob-
served and it was suggested that the concomitant decrease in the apparent density of the
particles was the cause of increased bed expansion and reduced gas hold-up. Armstrong
et al. [11] invoked work of adhesion arguments to explain the attachment of gas bubbles
to hydrophobic particles. The work of adhesion (W ) is the energy required to separate a
liquid from a solid and is given as follows [183],
W = σg,l(1 + cos θ) (5.1)
where σg,l is the gas-liquid surface tension and θ is the contact angle, defined as the angle
between the solid surface and the gas-liquid interface measured through the liquid phase.
According to Eq.5.1, as the particles become more hydrophobic (i.e. θ increases), the work
of adhesion decreases thereby facilitating bubble attachment. Formation of bubble-particle
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aggregates has also been observed by Tsutsumi et al. [209, 210] who studied the effect of
particle wettability on the rise velocity and wake characteristics of single bubbles rising
in a liquid-solid fluidized bed. They reported that for bubbles smaller than 1.5 cm, the
bubble rise velocity is lower in the case of hydrophobic particles (θ = 93◦) due to the
attachment of particles to bubbles and the resulting increase in drag. For larger bubbles,
however, the rise velocity was found independent of the particle wettability, as for such
fast rising bubbles the fluid shear effects prevented particle attachment. The observations
of Tsutsumi et al. [210] are conditioned by particle size, which in their study was less than
1 mm (400 and 700 µm). As will be discussed next, such small particles cannot penetrate
or break-up bubbles upon collision and, if they are hydrophobic, they remain attached to
bubbles. This may be seen by comparing the force required to separate a hydrophobic
particle from the gas/liquid interface [9] to the net force due to gravity and buoyancy of
the particle. Assuming, for example, a 700 µm spherical glass particle attached at the
air-water interface with θ = 93◦, the magnitude of these forces is estimated as follows;




) = 7.5× 10−5N, (5.2a)






d3pρlg = 3.52× 10−6N (5.2b)
Chen and Fan [37] have developed a mechanistic model for the collision between a single
spherical-cap bubble (with radius of curvature R) and a single particle (with diameter dp)
in a liquid medium. The model was initially developed for the case where the particle is
wetted completely by the liquid (θ = 0◦). This implies that the particle is not in direct
contact with the gas bubble and a liquid film is always present between the dispersed
phases. Fig. 5.1 illustrates particle penetration into a bubble at a depth h. In their model,
Chen and Fan [37] consider the following forces acting on the particle at depth h:













where the first two terms on the right-hand side of Eq.5.3 are the buoyant and gravitational
forces, respectively. The third term is the surface tension force and the forth term is a
pressure term which consists of the capillary pressure given by the Young-Laplace equation
and the liquid head due to penetration at depth h. The particle is thus subjected to a net
force, F , which results in particle acceleration a.
When the particle collides with the bubble, the particle either bounces off the gas-liquid
interface or it penetrates it, which may or may not lead to bubble breakage. According
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Figure 5.1: Diagram of a particle colliding with a spherical-cap bubble [37]
to the model, the particle penetrates the bubble if any of the following criteria is satisfied
[37]:
1- the particle acceleration is downward
2- the relative velocity of the particle to the bubble is downward
3- the particle penetration depth is larger than the deformed bubble height (h > H)
If the particle penetrates the bubble, the bubble is considered to assume a donut shape
with height, Hd (see Fig. 5.2). According to the model of Chen and Fan, if the particle
diameter is larger than Hd, the bubble breaks up, otherwise it reforms to its original
shape. The model was tested against observations of the bubble behavior when colliding
with particles of varying diameter (2 to 11 mm) and density, and was found to provide fair
predictions. It was concluded that in single bubble-single particle collision, penetration
is a necessary, but not sufficient condition for bubble break-up. Importantly, the model
of Chen and Fan predicts that lowering the surface tension favors the penetration of the
bubble by the colliding particle. If the condition for bubble break-up is also met, lowering
of surface tension should be expected to increase the bubble break-up rate. This prediction
was not tested, as Chen and Fan [37] performed experiments using distilled water and air
only. It should be noted that bubble break-up is independent of surface tension in the
model of Chen and Fan.
The model described above was extended for application to non-wettable particles [36].
In this case, it was assumed that half of the particle’s surface is not wetted by the liquid
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Figure 5.2: Diagram of a donut-shape bubble [37]
θ = 90◦). Consequently, the buoyant force acting on the particle is smaller, the contact
time between the bubble and particle is longer and the interaction is stronger. The more
hydrophobic the particle, the smaller the buoyant force and the easier it is for the particle
to penetrate the bubble, as also expected from considerations of the work of adhesion and
verified experimentally [36]. If the condition for bubble break-up is also met, and since this
condition is independent of wettability, one expects hydrophobic particles to increase the
bubble break-up rate, leading to higher gas hold-up. The fact that this expectation is not
experimentally verified [11] suggests that bubble break-up in fluidized beds of hydrophobic
particles is not determined by bare particle-bubble collisions, but rather by the collisions
between bubbles and particle-bubble agglomerates.
The above mentioned investigations of the effect of particle wettability on the hy-
drodynamics of gas-liquid fluidized beds have been limited to the system of water and air.
Industrial three-phase fluidized bed systems generally contain multicomponent liquids with
different physical properties. The range of gas hold-up is also higher. Very few studies are
found in literature which examine the effect of particle wettability under conditions similar
to industrial fluidized bed reactors, specifically ebullated bed reactors (EBR), which are
fluidized bed systems used in hydrocracking (upgrading) of heavy oil and bitumen.
The hydrogen gas and liquid (diluted bitumen) feeds enter the EBR through a plenum
chamber below the distributor grid, mix with a recycled liquid stream and flow upward
through an expanded bed of catalysts [134]. The EBR consists of a three-phase section
(reaction region) and a catalyst-free section (freeboard region). An internal recycle line in
the freeboard region directs a fraction of the liquid to a recycle pump below the distributor
grid. At the top of the reactor, a gas/liquid separator (recycle cup) connected to the
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recycle line serves to disengage gas from the recycle liquid stream [134]. Industrial scale
EBRs reportedly operate with gas hold-up values in excess of 25% in the three-phase
section [198, 134]. Higher gas hold-up values have also been observed in the freeboard
region (Fig. 5.3). Such high volumes of hydrogen and vapor products in the reaction zone
are undesirable because they decrease the bitumen conversion significantly. Entrainment
of gas in the recycled liquid stream has been associated with high values of gas hold-
up. Excessive gas entrainment in the recycle line leads to instability in the operation
of industrial hydroprocessors, caused by large liquid flow fluctuations through the pump.
Excessive gas entrainment is aggravated by foaming in the freeboard region of the EBRs
[201]. Given the low surface tension of the liquid phase and the likely presence of surface-
active substances (such as naphthenic acid), foaming is inherent to hydroprocessing reactors
[201, 72].
Considering the detrimental effects of foaming on EBR operability, only a few studies
have examined methods to suppress the foam layer under conditions of high gas hold-up.
The use of foam control chemicals is not practical, since these agents are cracked under the
severe operating conditions prevailing in hydrocracking units, resulting in contamination of
the gas and liquid phases [41]. Guitian and Joseph [72] were able to reproduce the high gas
hold-up condition in the freeboard region of a CANMET commercial system (see Fig. 5.3,
data of Pruden [157]) in a cold-slit bubble column reactor by adding sodium dodecyl sulfate
(SDS) and pentanol to water. Beyond a critical gas superficial velocity, they observed a
foam/bubbly mixture interface at the top of the reactor, with foam above and a bubbly
mixture below the interface. It was noticed that the foam height in the bubble column
was reduced significantly when they fluidized fine hydrophobic particles (plastic spheres of
diameter equal to 532 µm) in the bubbly mixture below the foam. The same reactor was
also used to compare the effect of fluidizing hydrophobic and hydrophilic particles of fine
sand (diameter ranging from 300 to 800 µm) on foaming [128]. Both kinds of particles,
but more so hydrophobic ones, were found to reduce foaming. It is important to note
that the hydrodynamics of EBRs are very different from the systems used in these studies.
In EBRs, the catalyst particles are confined in the three-phase zone below the freeboard
region and are not in contact with the foam layer above the freeboard region. The effect of
particle hydrophobicity on gas hold-up in the three-phase section and its relation to foam
formation in the freeboard region has not been adequately studied.
In this study we investigate the effect of particle wettability on the fluid dynamics of
three-phase fluidized beds operating with distilled water as well as 5wt.% aqueous ethanol
solution. Ethanol is added to the system in order to simulate the high gas hold-up, foaming
condition occurring in the EBRs used in the hydrocracking of bitumen. Using a pilot-scale
gas-liquid-solid fluidized bed system, we report on the overall gas hold-up in the three-
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Figure 5.3: Gas hold-up in the freeboard region of commercial EBRs with recycle cup [134]
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phase and freeboard regions for both hydrophilic and hydrophobic particles. We compare
the fluidization behavior of particles with different wettability and analyze its effect on
foam formation using measurements of foam thickness. The latter data are shown to be
consistent with semi-empirical models of foam dynamics [150, 12]. A conceptual model
of particle-bubble interaction, according to which bubble break-up in beds of hydrophobic
particles is determined by collisions between bubbles and gas-padded particles (particles
covered by small gas bubbles), is consistent with the experimental data and is supported
by photographic evidence.
5.3 Experimental Setup and Procedure
5.3.1 Experimental Setup
In this study, experiments were carried out in a cold-flow pilot scale fluidized bed system
shown in Fig. 5.4. The fluidization column is made from clear PVC with an ID of 15.2 cm
and height of 220 cm. The column consists of three main regions: the gas/liquid distributor
(plenum chamber), the particle bed region and the freeboard region. The plenum chamber
section has the same diameter as that of the column and is 20 cm in height. A perforated
plate is fitted between the bed section and the plenum chamber to evenly distribute gas
and liquid within the column. Compressed air (Rigid, model OF50150TS) at superficial
velocities ranging from 0.01 to 0.16 m/s was used as the gas phase. Two gas spargers with
openings of 100 µm were installed symmetrically in the plenum chamber to introduce the
gas to the system. Distilled water or 5wt.% aqueous ethanol solution at superficial velocities
of 0.057 and 0.095 m/s was employed as the liquid phase. A 1-hp centrifugal pump (Goulds,
model 2ST1E4F4) transported the liquid from a storage tank to the bottom of the plenum
chamber. The liquid and gas flow rates were controlled by control valves and monitored
by rotameters (Blue-White, models F-43040LNS and F-55376-GP). Clear glass beads of
diameter equal to 4 mm were used as the solid particles in the fluidized bed. The glass beads
were rendered hydrophobic by coating with octadecyltrichlorosilane (OTS) using pentane
as the solvent [133]. The operating conditions investigated are summarized in Table 5.1.
Liquid superficial velocities for the experiments were selected based on preliminary tests
aimed at determining the minimum liquid superficial velocity required to make the bed
of particles fluidized (i.e. minimum liquid fluidization velocity, ulmf ). Gas superficial

















Figure 5.4: Schematics of the experimental set-up
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Table 5.1: Studied operating condition and phase physical properties.
Parameter Symbol Values Unit
Superficial liquid velocity usl 0.057, 0.095 m/s
Superficial gas velocity usg 0-0.16 m/s
Liquid viscosity µl 1.004× 10−3 kg/m s
Gas-liquid surface tension (water) σg,l 0.072 N/m
Gas-liquid surface tension (5 wt.% aqueous ethanol solution) σg,l 0.055 N/m
Liquid density (water) ρl 998.3 kg/m
3
Liquid density (5 wt.% aqueous ethanol solution) ρl 989 kg/m
3
Gas density ρg 1.205 kg/m
3
Solid density ρs 2500 kg/m
3
5.3.2 Overall Phase Hold-up Measurement
Overall phase hold-ups are typically determined via dynamic pressure drop measurement
along the bed and the freeboard regions. In this study, the overall phase hold-ups were ob-
tained using a differential pressure transducer (Rosemount, model 3051CD2A22A1AM5C6Q4).
Seven pressure ports were installed axially along the column height at 25 cm intervals. The
solid volume fraction can be expressed in terms of the total mass of solid particles (Ws),





In the above equation, the expanded bed height can be determined using pressure profiles
or by visual observation of the bed-freeboard interface. Neglecting the frictional drag force
on the column wall [53], the gas hold-up is then related to the dynamic pressure drop
(∆P ), as follows:
εg =
εs(ρs − ρl) + ∆Pg∆z
ρl − ρg
(5.5)
Since the only phases present in the fluidized bed are gas, liquid and solid, we have:
εl = 1− εs − εg (5.6)
The dynamic pressure drop in the freeboard was also measured and used to calculate
the gas hold-up in that region, as follows,
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Figure 5.5: Drop of water sitting on a glass substrate coated with OTS according to the






5.3.3 Contact Angle Measurement
The degree of wettability of a particles is generally evaluated in terms of the contact angle.
In this study, the contact angle of drops of water and 5wt.% aqueous ethanol solution on
glass slides (with and without coating by OTS) was measured by image analysis of sessile
drops using a tensiometer (AST Products, model VCA 2500 XE) equipped with a CCD
camera. An example of contact angle measurements is shown in Fig. 5.5 for a drop of water
on the OTS-coated glass substrate. The average contact angle for the coated substrates
was 115±6 degrees, which implies that the coating was effective at rendering the particles
hydrophobic. Addition of ethanol to water did not change the average contact angle (θ =
113±5 degrees). The contact angle of either liquid phase on uncoated glass substrates
(washed with 30% V/V aqueous HCl solution) was zero.
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5.4 Results and Discussion
5.4.1 Phase Hold-up Measurement in Gas-Liquid-Solid Region
Global hold-up values obtained in this study are shown in Figs. 5.6 to 5.9. The results of
our study are in good agreement with measurements of previous studies exploring similar
operating conditions conditions [41]. For the air-water system operating with the smaller
liquid velocity (usl = 0.057 m/s), a change in the slope of gas hold-up data was observed
with increasing gas velocity, indicating transition from the dispersed to the coalesced flow
regime. By increasing the inlet gas flow rate, the number of bubbles increases, the distance
between individual bubbles decreases and consequently the intensity of bubble collisions
increases [229]. Bubble coalescence phenomena result in formation of large bubbles and
a wide bubble size distribution is observed. Similar trend were noted in previous studies
in the system of air-water-glass bead system [87, 41, 151]. Due to the low residence time
of the large bubbles in the coalesced system, gas hold-up did not increase significantly in
this flow regime. The calculated standard errors for the gas hold-up data are also larger
in the coalesced regime as enhanced pressure fluctuations were observed. The change of
slope in gas hold-up trend was not as clear in the system with the higher liquid superficial
velocity (Fig. 5.6b). This could be due to the fact that at higher liquid velocities the
dispersed flow regime is delayed and the transition occurs at higher gas velocities [129].
Smaller fluctuations in pressure readings and consequently smaller standard errors were
noted in this system. A comparison of Fig. 5.6a to Fig. 5.6b reveals the effect of liquid
flow rate. By increasing the liquid superficial velocity from 0.057 to 0.095 m/s, the gas
hold-up decreased. As the liquid rises faster, the residence time of bubbles in the system
decreases and the gas hold-up drops. The effect of liquid velocity on gas hold-up is a
complex phenomena and various trends has been observed in the literature. Safoniuk et
al. [176] reported that the gas hold-up is almost independent of liquid velocity, except for
the very high values of liquid velocities. Gas hold-up has also been reported to increase
with the liquid velocity [41, 195, 151]. Pjontek et al. [151] mentioned that the delayed
transition to the coalesced regime at higher liquid velocities results in greater number of
small bubbles in the system which in turn causes the higher gas hold-ups.
As mentioned before, industrial fluidized bed reactors such as the ones used for heavy
oil upgrading generally operate with gas hold-up values greater than 25%. Research aimed
at elucidating the hydrodynamics of such systems have therefore sought to simulate high
gas hold-up conditions in pilot scale systems using fluids with similar physical properties
or by adjusting the bubble coalescence behavior using surface-active components [54, 124,
165, 166, 164, 152]. In this study, ethanol was used to modify the surface tension of water
and experiments were conducted with 5wt.% aqueous ethanol solution as the liquid phase.
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Figure 5.6: Gas hold-up in the bed region of air-water system for (a) usl = 0.057 m/s and
(b) usl = 0.095 m/s (Note: dashed lines are a guide to the eye.)
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Figure 5.7: Liquid hold-up (a) and solid hold-up (b) in the bed of air-water system at usl
= 0.057 m/s.
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Figure 5.8: Gas hold-up in the bed region of air-5wt.% ethanol solution system for (a) usl
= 0.057 m/s and (b) usl = 0.095 m/s (Note: dashed lines are a guide to the eye.)
Addition of ethanol to water decreased the surface tension from 0.072 N/m to 0.055 N/m.
The phase hold-up values are shown in Figs. 5.8 and 5.9. Gas hold-up values of up to
35% obtained in the bed region which show significant increase compared to the distilled
water system (see Fig. 5.10). Also, the results confirm that using the ethanol solution was
effective in creating a high gas hold-up condition in the fluidized bed - condition associated
with reduced average bubble size [189, 152].
For the ethanol system operating at the smaller liquid velocity, the change in slope of
gas hold-up data is not as obvious as the water system. This implies a smaller number
of large bubbles in the system as bubble coalescence was inhibited. Pressure fluctuations
over the whole range of gas velocities were also smaller for the surfactant system compared
to water system. Consequently, the standard error of measurement is lower. For the case
of larger liquid velocity, gas hold-up initially increased with gas velocity, became constant
(from 0.04 and to 0.06 cm/s), and then increased again. It seems that at this liquid velocity,
a transition flow regime [198] prevailed over a short range of gas velocities in the ethanol
system. Such trend can be seen in the results of Dargar and Macchi [41] and Fan et al.
[54] who also used alcohol solutions (ethanol and n-butanol, respectively). Increasing the
liquid velocity from 0.057 to 0.095 m/s, had a minor effect on the gas hold-up for low gas
velocities of up to 0.03 m/s. After this value, the ethanol system behaved similar to the
the distilled water system and the gas hold-up decreased with increasing liquid velocity.
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Figure 5.9: Liquid hold-up (a) and solid hold-up (b) in the bed of air-5wt.% ethanol
solution system at usl = 0.057 m/s (Note: dashed lines are a guide to the eye.)


















ethanol solution, hydrophilic particles
ethanol solution, hydrophobic particles
Figure 5.10: Comparison of gas hold-up in the bed region for air-water and air-5wt.%
ethanol solution systems at usl = 0.057 m/s (Note: dashed lines are a guide to the eye.)
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5.4.2 Prediction of Overall Gas Hold-up with Empirical Corre-
lations
A recent meta-analysis study [140] has provided a set of empirical correlations to predict
the overall gas hold-up in three-phase fluidized beds of spherical particles with water as
the liquid phase. It was found that classification of data points based on the particle
Reynolds number (Rep =
ρlusldp
µl
) produced correlations with the least average absolute
relative error (AARE). These correlations are tested here for their ability to predict the
overall gas hold-up data of the air-water-glass bead systems for both hydrophobic and
hydrophilic particles. As shown in Fig. 5.11, the correlations are able to predict gas hold-
up values of up to 15% with less than 25% error and the AARE is 24% for the case of
hydrophilic particles. However, for the system of hydrophobic particles, the correlations
failed to predict gas hold-up values of more than 8% and the AARE exceeds 56%. The
results implied that the empirical correlations cannot capture the hydrodynamics of gas-
liquid-solid fluidized beds operating with hydrophobic particles. This is expected as there
is no parameter in the correlations to account for the effect of wettability on the average
bubble size, a key determinant of gas hold-up.
5.4.3 Effect of Particle Wettability on the Overall Phase Hold-up
Values
Operating the fluidized bed with the hydrophobic glass beads decreased the overall gas
hold-up by an average of about 26% and 21% for the systems of air-water and air-5wt.%
ethanol solution, respectively. Larger bed expansion was observed for the case of hy-
drophobic particles. Consequently the liquid hold-up values were higher in these systems
(see Figs. 5.7a and 5.9a). Solid hold-ups were also slightly smaller for the bed of hydropho-
bic particles which again implies a larger bed expansion. The experimental results for the
air-water systems are similar to the findings of Armstrong et al. [11]. Adhesion of bub-
bles to hydrophobic particles and formation of bubble-particle agglomerates was observed
frequently, especially at the bed/freeboard interface (see Fig. 5.12). The bubble-particle
adhesion can be explained by considering the definition of work of adhesion described in
Eq.5.1. Increasing the contact angle from 0 to 115 degrees at a constant surface tension de-
creases the energy of adhesion by more than 70%. Therefore, much less energy is required
to separate liquid and solid phases, facilitating attachment of bubbles to particles upon
collision. It should also be noted that in the systems studied here, the effect of contact
angle on the work of adhesion is much more pronounced than the effect of surface tension.
For the large particles used in this study, a single bubble attached to the particle
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water, hydrophilic particles water, hydrophobic particles
Figure 5.11: Comparison of gas hold-up predictions by correlations of Mowla et al. [140]
with the experimental data for the air-water-glass beads system obtained in this study.
Dashed lines indicate error of ±25%.
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Adhesion of bubble to particles at 
the bed/freeboard interface 
Figure 5.12: Adhesion of air bubbles to the hydrophobic glass beads in the air-water system
was not able to float the particle, separating it from the bed and transferring it in the
freeboard region. However, in cases where three or more bubbles were attached to one
particle (see Fig. 5.13), it was observed that the bubble-particle agglomerate left the bed
and was temporarily suspended in the freeboard region. This behavior is consistent with
the interpretation of Armstrong et al. [11], according to whom formation of particle-bubble
agglomerates with lower apparent density than bare particles is the cause of greater bed
expansion in systems of hydrophobic particles. Assuming attachment of three bubbles
of average diameter of 2 mm to a 4 mm particle, the bubble-particle agglomerate has an
apparent density which is about 40% lower than the density of the bare particle. Because of
the poor wettability of the particles, gas bubbles attached to particles cannot be completely
removed and small gas “pads” remain on the particles held by strong capillary forces. In
the context of the model of Chen and Fan [36], gas-padded particles are less able to
penetrate large bubbles because of decreased apparent density. As a result, a reduction of
the bubble break-up rate in the bed region should be expected, leading to larger average
bubble size and lower gas hold-up. In the context of this model, one must conclude that
bubble-particle collisions in fluidized beds of hydrophobic particles involve predominantly
gas-padded rather than bare particles. Because such collisions may involve the interaction










































Figure 5.13: Adhesion of multiple bubbles (B) to the hydrophobic particles (P)
it is reasonable to expect differences between the behavior of coalescing (air-water) and
non-coalescing (air-5wt.% aqueous ethanol solution) systems.
5.4.4 Gas Hold-up and Foam Thickness in the Freeboard Region
The overall gas hold-up as well as the foam thickness at steady state were measured in
the freeboard region of the fluidized bed in order to observe if particle wettability has an
effect on the hydrodynamics of this region. The gas hold-up data are presented in Figs.
5.15 and 5.16. Considering the findings of section 5.4.3, one expects the gas hold-up in
the freeboard region (gas-liquid flow) to be lower when the bed consists of hydrophobic
particles, for in this case the average size of bubbles introduced in the freeboard region is
larger [169], as a result of reduced bubble break-up rate. This is indeed observed in the
data, with the exception of the air-water system at the higher inlet liquid velocity (see Fig.
5.15b). Apparently, under such conditions the bubble break-up rate is not significantly
reduced by bubble-particle attachment. It is possible that a reduction in bubble break-up
rate due to a reduction of apparent density is compensated by additional forces at play
during the coalescence of an attached and a free bubble [149]. Since bubble coalescence
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Figure 5.14: Interaction between attached and free bubbles
is inhibited in the ethanol system, the effect of hydrophobic particles is more prominent
in the freeboard region of the ethanol system, in which the gas hold-up is reduced by an
average of 25% compared to the case of hydrophilic particles.
If the bubble diameter in the freeboard region is larger when the bed contains hydropho-
bic particles, one expects differences in the steady state foam thickness (H∞) generated
at the macroscopic interphase at the top of the freeboard region. This is borne out of
theoretical considerations described below.
Pilon et al. [150] have proposed a semi-empirical model for the prediction of foam
thickness in isothermal gas-liquid solutions at steady state. According to these authors,
the time evolution of the top and bottom boundaries of a layer of foam formed by gas
injection at the bottom of a vertical column containing liquid (see Fig. 5.17), is described













where εg(z, t) and qPB(z, t) are the gas fraction and the mass flow rate of liquid through
the Plateau borders at location z and time t. The foam thickness may be written as
H∞ = z2 − z1. Therefore, using Eq.5.8, one can obtain the following evolution equation
for the foam thickness;
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Figure 5.15: Gas hold-up in the freeboard region of air-water system for (a) usl = 0.057
m/s and (b) usl = 0.095 m/s (Note: dashed lines are a guide to the eye.)
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Figure 5.16: Gas hold-up in the freeboard region of air-5wt.% ethanol solution system for
(a) usl = 0.057 m/s and (b) usl = 0.095 m/s (Note: dashed lines are a guide to the eye.)
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Figure 5.17: Schematic of a foam layer formed by gas injection into liquid in a vertical














where the first term on the right-hand side is the increase of the foam thickness due to
the addition of gas at the bottom boundary and the last two terms are the decrease of
the foam thickness due to liquid drainage through the Plateau borders and gas flow due
to bubble rupture at the top boundary of the foam. Additionally, the flow rate qPB(z, t)





where rb is the bubble radius, N is the number of bubbles per unit volume, np is the number
of Plateau borders per bubble, ap is the cross-sectional area of a Plateau border, and uf
is the velocity of the fluid through the Plateau border due to gravity drainage. Simplified
expressions for the terms in Eq.5.10 are given in the literature [143]. Replacing Eq.5.10
in Eq.5.9 using the simplified expressions and rendering Eq.5.9 dimensionless by applying
the Buckingham-Pi theorem, one may express H∞ in terms of two dimensionless numbers
(Π) as follows,












where c1 and c2 are constants to be determined by fitting to experimental data, and Ca,
Re and Fr are the capillary, Reynolds and Froude numbers, respectively, which are defined
as,
Re =












where uminsg is the gas superficial velocity at the onset of foaming and g is the gravitational
constant. Pilon et al. [150] found c1 and c2 to be 2905 and -1.8, when they fit their model
to experimental data of foam thickness for high-viscosity fluids available in the literature.
Using the fitted constants, the following semi-empirical model is obtained for the foam




µl(usg − uminsg )0.8
(ρlg)1.8
(5.13)
The model described above takes into account viscous, gravitational and capillary
forces, but neglects the effects of foam coarsening. This may be acceptable for high-
viscosity fluids providing thick and stable liquid films between bubbles in the foam [215].
An extension of this model to low-viscosity liquids (e.g. aqueous foam) by Attia et al.
[12] has considered a third dimensionless number to account for foam coarsening driven
by Ostwald ripening that is common in surfactant foams. Coarsening of gas-liquid foam
by Ostwald ripening is a process in which large bubbles consume adjacent smaller bubbles
and grow in size [199] via solute diffusion through the intervening liquid films. Unlike high-
viscosity liquids in which the size of bubble remains constant through the foam height, in
low-viscosity fluids bubble size increases from bottom to top within a foam layer (see Fig.
5.18). The third Π introduced by Attia et al. [12] is as follows,
Π3 =
DS
rb(usg − uminsg )
(5.14)
where D is the diffusion coefficient of gas in liquid and S is the dimensionless Ostwald
coefficient of solubility which is defined as the volume of gas absorbed by unit volume of
pure liquid at a given pressure and temperature [13]. To find H∞ a power law relation was






where m1, m2, m3 are the empirical constants to be determined from experimental data.
Attia et al. [12] found these constants to be equal to 118, -1.8 and -0.96, respectively,
by fitting their model to experimental data of low viscosity liquids from literature. Using








Figure 5.18: Photograph of a stable foam of an aqueous 5% SDS solution [177]
It may be noted in both Eq.5.13 and Eq.5.16 that H∞ is inversely proportional to
bubble radius, i.e, decreasing as rb increases. Therefore, if the average bubble diameter in
the freeboard region of a three-phase fluidized bed of hydrophobic particles is larger than
in a bed of hydrophilic particles, the steady-state foam thickness should be smaller. This
is indeed the case as observed in Fig. 5.19. The figure shows the thickness of foam layer
above the gas/liquid bubbly mixture in the freeboard region. These results suggest the
possibility to reduce foaming in the freeboard region (and gas hold up in the three-phase
region) of industrial fluidized bed systems by controlling the particle wettability.
Another observation from Fig. 5.19 is that the foam thickness decreased as the liquid
velocity increased. The onset of foaming was also delayed at the higher liquid velocity. Such
observations are consistent with the findings of Guitian and Joseph [72], who established
experimentally that a critical gas velocity for the onset of foam formation depends on liquid
velocity as follows;
uminsg = b1 + b2 usl (5.17)
where b1 and b2 are empirical constants which depend only on the liquid phase physical
properties. A system operating at usg less than u
min
sg does not experience foaming. When
usg exceeds the critical value in Eq.5.17, foam begins to appear and the foam layer expands
with increasing usg. It may also be inferred from the model that the critical gas velocity
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Figure 5.19: Foam thickness above the freeboard region of air-5wt.% ethanol solution
system for (a) usl = 0.057 m/s and (b) usl = 0.095 m/s
for the onset of foaming is higher when the liquid velocity is increased.
The foam thickness data (Fig. 5.19) obtained in this work may be analyzed quanti-
tatively using Eqs.5.11 and 5.15. On the basis of visual observations, we took uminsg as 0
and 0.01 m/s for the systems operating with inlet liquid velocity of 0.057 and 0.095 m/s,
respectively. Assuming spherical bubbles, the average bubble diameter was estimated by

















where db is the bubble diameter and uo is the bubble terminal velocity. Also, Cdo in Eq.
5.18 is the drag coefficient acting on an isolated bubble, which is assumed to be given by

























The terminal velocity can be calculated by considering the balance between buoyancy and
drag forces. The steady state mass balance for an incompressible and non-reacting gas






where f(εg) is a swarm correction factor defined as Cd/Cdo. Here, Cd represents the drag
force acting on a bubble under actual operating conditions. In this study we consider the














Using Eqs.5.21 and 5.22, a value of uo may be calculated for a given value of usg and εg
in the freeboard region. Subsequently, the bubble diameter (and rb) may be calculated by
solving Eq. 5.18 using Eqs.5.19 and 5.20. The values of Π1 and Π2 may then be obtained
from the values of rb and other parameters listed in Table 5.1. Proceeding in this manner,
Eq.5.11 was fitted to the experimental foam height data with c1 = 147.94 and c2 = -1.86





µl(usg − uminsg )0.86
(ρlg)1.86
(5.23)
For air at atmospheric pressure and room temperature, D and S in Eq.5.14 may be
taken equal to 1.45 × 10−9 m2/s and 1.69 × 10−2, respectively [12]. Eq.5.15 may then be
fitted to the experimental data to obtain m1 = 0.614, m2 = -1.632 and m3 = -0.344, and

























hydrophilic particles hydrophobic particles
Figure 5.20: Comparison between experimental data and predictions of the steady state
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Figure 5.21: Comparison between experimental data and predictions of the steady state
foam thickness from Eq.5.24. Dashed lines indicate error of ±35%.
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Table 5.2: Average bubble diameter, estimated by semi-empirical models, in the freeboard
region of the air-5wt.% ethanol solution system
Model db for system of hydrophilic particles (mm) db for system of hydrophobic particles (mm)
Eq.5.23 0.91 1.02
Eq.5.24 0.96 1.13
The accuracy of the two models in predicting the foam height at steady state, H∞,
is similar. This is shown in Figs. 5.20 and 5.21 which compare experimental data to
predictions of Eqs.5.23 and 5.24, respectively. Analysis of our data as proposed by Pilon
et al. [150] and Attia et al. [12] enables estimation of rb by rearranging Eqs.5.23 and
5.24. The estimated bubble diameters for the foaming air-5wt.% ethanol system in the
freeboard region are about 1 mm. These values, which are tabulated in Table 5.2 agree
with the literature findings for air-ethanol solutions in gas-liquid flows [189]. Also, the
average bubble diameter estimated using Eq.5.18 in the freeboard region of the system
operating with hydrophobic particles is about 15% greater than the one in the freeboard
region of the system operating with hydrophilic particles. Considering the sensitivity of the
steady state foam thickness to the bubble diameter in the context of the semi-empirical
models, the difference in the foam thickness can be explained by the difference in the
calculated average bubble diameters.
5.5 Conclusion
In this study, the effect of particle wettability on the hydrodynamics of a gas-liquid-solid
fluidized bed system operating with distilled water and 5wt.% aqueous ethanol solution
was studied. For both systems, making the particles hydrophobic via coating with OTS,
reduced the gas hold-up by more than 20%. Attachment of bubbles to particles and for-
mation of bubble-particle agglomerates was observed. According to previous studies, the
lower density of such agglomerates compared to individual particles, decreases their ten-
dency towards bubble break-up. Hence, larger bubbles are produced and the gas hold-up
dropped. Similar trend was observed for the overall gas hold-up in the freeboard region.
The thickness of foam layer formed on top of the gas/liquid interface in the aqueous ethanol
system was also measured. It was observed that the foam thickness decreased with increas-
ing the inlet liquid superficial velocity as well as by making the particles hydrophobic. The
foam thickness data were consistent with available semi-empirical models of foam height
dynamics. The models revealed the great sensitivity of foam thickness to the bubble di-
ameter in the gas-liquid flow system, such that a small increase in the average bubble size
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decreases the foam thickness notably. It was concluded that a larger average bubble size in
the bed of hydrophobic particles caused by reduction of the bubble break-up rate, leads to
a reduction of the gas hold-up in the freeboard region and a reduction of the foam thick-
ness. The results of this study suggest that reduction of both gas hold-up and foaming in
three-phase fluidized bed reactors is possible by tailoring particle wettability.
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6.1 Summary and Conclusions
The present thesis sought to improve the understanding of the fluid dynamics of the EBRs
used in the hydroprocessing of bitumen through combination of experimental investigation
and CFD simulations. To do so, a pilot scale cold-flow EBR was designed and constructed.
The system was able to operate in both two-phase (gas-liquid) and three-phase (gas-liquid-
solid) modes. Therefore, experiments were conducted in both modes and over a wide range
of operational parameters to study the hydrodynamics of the bed section as well as the
freeboard region of the EBRs.
First, the experimental measurements of the overall gas hold-up were obtained for
air-water and air-0.5wt.% ethanol aqueous solution in the pilot scale system in both homo-
geneous and heterogeneous flow regimes. The objective was to validate a two-fluid Eulerian
model in prediction of the hydrodynamics of the gas-liquid flows for operation either as
bubble column or in co-current flow. In the homogeneous flow regime (usg ≤ 0.03 m/s),
the bubble diameter was measured via image analysis employing a digital camera. Using
the measured bubble diameters, the model was able to predict the overall gas hold-up to
within 10% of the experimental measurements. It was also found that the bubble diameter
was considerably sensitive to the change in surface tension. Decreasing the surface tension
by only 4%, resulted in about 30% decrease in the average bubble diameter. Such sen-
sitivity to surface tension (and possibly to other parameters such as sparger design) was
recognized as the main limitation in the predictive ability of the Eulerian model in the ho-
mogeneous regime. For the heterogeneous flow regime, as the image analysis method was
not applicable, an empirical correlation was used to determine the bubble size. However,
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the main limitation to the predictive ability of the model in this flow regime was originates
from uncertainty in selection of the swarm correction factor. Including a well-known swarm
correction factor (by Simonnet et al. [193]) in the model resulted in accurate predictions
of the overall gas hold-up in the bubble column mode (to within 10%). However, in the
co-current flow, which has not been studied as much in the literature, the average error
between the experiments and the model predictions was about 22%. Changing a constant
parameter in the swarm correction equation, resulted in accurate prediction of the overall
gas hold-up in one of the studied cases. Considering that the swarm correction models are
generally derived for bubble columns, development of improved equations for co-current
gas-liquid flows requires further investigation.
The modular design of the pilot scale EBR in this study allowed the implementation
and examining the performance of various recycle cup designs in gas/liquid disengagement.
We designed two patented recycle cups according to the information available in the patent
literature. The recycle cups were then printed using a desktop 3-D printer and 3 mm ABS
filaments. The recycle cups were tested over a wide range operational parameters (gas and
liquid flow rates and recycle ratio) and in air-water and air-5wt.% ethanol aqueous solution
systems. The performance of the cups were compared by measuring the gas hold-up in the
recycle line. Two-pairs of electrical conductivity cells which were installed in the recycle
line, made the gas hold-up measurements possible. As expected, the gas hold-up in the
recycle line increased by increasing the gas hold-up in the EBR. In the ethanol solution
system, at gas velocities of over 0.05 m/s, a layer of foam was formed in the freeboard
region. It was observed that in such cases more gas was entrained in the recycle stream.
Therefore, foam formation negatively affect the performance of the recycle cups. Gas hold-
up in the recycle line also increased with an increase in the inlet liquid flow rate and/or
recycle ratio. Bubbles has less time to escape from the liquid, consequently more bubbles
trapped in the recycled liquid. The Eulerian model was also employed to predict the gas
hold-up in the column and inside the recycle line. In the homogeneous regime, given the
correct bubble diameter, the model predicted the column gas hold-up with great accuracy
(less than 10% error). However, the model failed in estimation of the recycle line gas
hold-up. These observations are hypothesize to be the results of using small grid size in
the computational domain, especially inside the recycle line, as if the size of computational
cells is smaller than a single bubble, the basic principles of Eulerian model is invalidated.
Due to the complicated hydrodynamic behavior of the gas-liquid-solid fluidized bed
systems, ab initio prediction of the overall gas hold-up in these systems is not possible
yet. Instead, prediction of this key parameter in design and operation of multiphase flows
is still relied on empirical correlations which are developed based on the experimental
measurements in pilot scale system. In order to develop accurate empirical correlations,
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a meta-analysis was performed on the experimental data of the overall gas hold-up data
in the gas-liquid-solid fluidized beds published in numerous studies over the past 40 years.
As finding a single unified correlation to capture the hydrodynamic behavior of all the
collected data points was impractical, the data points were classified according to several
criteria (flow regime, particle diameter and particle Reynolds number). It was found that
the classification of the data points according to the particle Reynolds number resulted in
the most accurate and statistically significant correlations. Consideration of gas density
in the correlations, improved the prediction of gas hold-up notably. However, considering
bubble diameter as an independent variable, did not affect the accuracy of the correlations.
Finally, we studied the effect of particle wettability on the hydrodynamics of a gas-
liquid-solid fluidized bed system operating with distilled water and 5wt.% aqueous ethanol
solution. It was observed that gas hold-up was dropped by an average of about 20% in the
fluidized bed of hydrophobic particles, compared to the hydrophilic ones. Adhesion of bub-
bles to particles and formation of bubble-particle agglomerates were observed frequently.
According to the previous literature, the lower density of such agglomerates compared to
bare particles, decreases their ability to penetrate and break-up the bubbles in the system.
Therefore, the system of hydrophobic particles is associated with a larger bubble size dis-
tribution and consequently smaller gas hold-up. In this study, we have also measured the
thickness of foam layer formed on top of the gas/liquid interface in the system of aqueous
ethanol solution. The foam thickness decreased by rendering the particles hydrophobic
as well as by increasing the inlet liquid flow rate. The experimental foam thickness data
were then used to find the constants of two semi-empirical models for steady state foam
thickness prediction. The models were significantly sensitive (and inversely proportional)
to changes in bubble diameter. It was discussed that since a larger bubble size distribution
exists in the bed of hydrophobic particles, the bubble size in the freeboard region of such
systems should be larger. Hence, the foam thickness is smaller. The results of this study
confirms the ability of hydrophobic particles in reduction of gas hold-up and foam thickness
in the fluidized bed reactors.
6.2 Recommendations
The following subjects are recommended for future studies:
• Development of improved swarm correction models for the co-current gas-liquid flows
is highly recommended. Almost all of the swarm correction equations available in the
literature are empirical fits to experimental data in bubble columns. Comprehensive
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set of experiments are required in co-current gas-liquid flows in order to develop
improved swarm correction factors for this operation mode.
• Addition of a recycle pump to the scaled down EBR in order to return the recycled
stream to the EBR is also recommended. Doing so, one can study the influence
of separation efficiency of the recycle cups on the dynamics of the bed section. It
was reported in the patent literature that poor performance of recycle cups in the
foaming systems can result in instability of the bed of particles. Investigating such
statement was not possible using the current setup. This can be done by installation
of a recycle pump. An effort can also be made to develop more complicated recycle
cups and test them in scaled down EBRs. Considering the low cost of 3-D printing
technology, various designs can be tested in the pilot systems prior to implementation
in the commercial units.
• It was observed that due to the small size of the experimental setup in this study,
very small mesh grids were used in the computational domain (in the recycle line
section) which resulted in failure of the Eulerian model. Future works can scale-up
the computational domain and examine the validity of the model in prediction of gas
hold-up in the recycle line using the experimental data provided here. Satisfying the
dynamic and geometry similitude between the scaled-up system and the pilot scale
system here, similar gas hold-up values are expected.
• In this study, we have developed a set of empirical correlations for the gas-liquid-
solid system operating with water and spherical particles. From about 1400 data
points collected, we have only used 342 points to develop the correlations presented
here. Similar attempt can be made to find accurate empirical correlations for other
systems, especially for the ones with gas hold-up values of over 25%, i.e., operating
with surface active agents or the low surface tension liquids.
• Although it is not possible to operate an industrial EBR with a bed of hydrophobic
particles, the findings of this study informed that foam reduction is possible through
even a slight increase in the bubble size distribution. Studies on particle segregation
in gas-liquid-solid fluidized bed provided insights that fluidizing particles of same
density but with different diameters can lead to great segregation among particles,
with the smaller particles on top of the large particles. A hypothesis would be
to fluidize a small fraction of hydrophobic particles (with smaller diameter) along
with larger hydrophilic particles. According to particle segregation studies, a layer
of hydrophobic particles is predicted to form on top of large hydrophilic particles.
Presence of this layer could lead to an increase in size of the bubbles which enter the
137
freeboard region. Therefore, foam thickness is expected to decrease. Further studies
and experiments to test this hypothesis are recommended.
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Product line 
Figure A.1: Pilot scale multiphase flow system used in this study
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Figure A.2: 3-D printer used in this study to fabricate recycle cups
(a) (b)
Figure A.3: Simple cup used in Chapter 3
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(a) (b)
Figure A.4: Cup with risers used in Chapter 3
Figure A.5: LCR meter used in this study to measure gas hold-up in the recycle line
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Appendix B
Sample Raw Data for Bubble Diameter Measurements
Using Image Analysis
Fig. B.1 shows the bubble diameter measurements for the sample case of air-water system
operating at usl = 0, usg = 0.03 m/s. The histogram of the data is also shown in Fig. B.2.
For the sample case shown here the average bubble diameter was calculated as 2.7±0.7.
For each set of operational parameters, several photographs were taken. From the
two best photographs, more than 100 bubbles were selected. Considering the bubbles as
ellipse, the major and minor axes were measured. The resolution of images were about 21
pixels/mm. Following is a sample calculation:


























Figure B.1: Bubble diameter measurements for air-water system operating at usl = 0,






















Figure B.2: Histogram of bubble diameter measurements for air-water system operating
at usl = 0, usg = 0.03 m/s.
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Appendix C
Sample Raw Data for Gas Hold-up in the Recycle Line
Fig. C.1 shows the conductance values from the LCR meter for calculation of gas hold-up
in the recycle line for the sample case of air-5wt.% aqueous ethanol solution system and
operating under usl = 0.028 m/s, usg = 0.075 m/s and Rr = 0.5.
For each set of operational parameters, two or three repetitions were taken for each pair
of electrical conductivity cells. For each trial, between 40 to 50 readings were obtained
from the LCR meter in a period of 3 minutes. The average of the readings were then
calculated and used for gas hold-up measurement. For the case shown in Fig. C.1, the
conductance for the liquid was 1.16±1 × 10−3 Siemens (Si). The average of conductance
readings for the gas-liquid mixture (Gm) from the pair of electrical conductivity installed
in the top of recycle line was 1.067±0.033× 10−3 Si and for the one installed in the bottom
of the recycle line was 1.061±0.04× 10−3 Si. Using the average Gm values and employing
Eq.3.4 for the data in Fig. C.1, the gas hold-up was reported as 0.056±0.003.
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Figure C.1: Readings from electrical conductivity cells installed inside the recycle line
(Dashed lines show the uncertainty in readings of Gl).
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